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A Brief Introduction to Process Simulation Using ChemCAD 6
By J. Richard Elliott, Jr.

“Today the prevailing view in industry is that it is much less expensive and more reproducible to run simulation experiments than to perform repeated experiments involving actual equipment.  The confidence level in what can be done with simulation has risen considerably, and this is having a profound influence on the practice of process engineering.”  Thomas F. Edgar, CEP p51, January 2000.

“Process modeling is the single technology that has had the biggest impact on our business in the last decade.”

Frank Popoff, CEO Dow Chemical, 1996

Introduction

The key features of ChemCAD for process simulation are illustrated here by focusing on two main flow sheets.  The first flow sheet is to separate well-head gas components downstream from the dehydration and sweetening processes.  It illustrates the mode of adding operations, components, and running a simulation for a fairly simple process.  The second major flow sheet is adapted from the 1958 AIChE student contest problem for an acetic anhydride synthesis process.  The process is interesting because it includes two types of reactors, three types of distillation columns/absorbers, and a complex recycle train including two large outer loops and two inner loops.  Other operations are covered through supplementary discussions.  These include liquid extraction/decanting, heat exchanger design, and catalytic reactions.

The sections of this document are organized along the lines of a typical chemical engineering curriculum.  Beginning with Material and Energy Balances (MEB's), we proceed through thermodynamics, transport phenomena (heat exchanger design), mass transfer operations (distillation design mostly), reactor design, economics, and we touch on process dynamics.  The subjects of thermodynamics and transport phenomena are lightly touched on in the first flowsheet, but their roles in process simulation should not be underestimated.  Understanding the thermodynamics and transport modeling that the simulator is doing is much more challenging than pointing and clicking.  This is why we turn to these topics when seeking to understand the results of our process simulation.  Turning to these topics requires that they be fresh in your mind, so we dedicate Chapter 1 to reviewing one or two elementary but key principles from each course in the curriculum.  

To conclude this presentation, we provide a synopsis of the major processes and compounds that form the foundation of the current chemical processing industry.  This coverage provides historical perspective and practical insight into why things are the way they are and where they might be going.  

Process simulation can be frustrating or fun, depending on how you approach it.  If you approach it as a mystical black box that is supposed to give you all the answers by simply pushing a few buttons, you will be frustrated.  If you approach it as a handy toolbox encapsulating the Chemical Engineering curriculum, you will find most of what you are looking for.  Pounding away at the keyboard does give you a chance of hitting on the right answer.  On the other hand, I have noticed that students who approach process simulation that way tend to be the ones who get the most “undefined error” statements appearing on their screen.  If you understand the equations behind the simulator, then the worst that can happen is that you do some hand calculations instead of relying completely on the process simulator.  And familiarizing yourself with the terms that enter into the model equations and their significance is a good idea anyway.  If you get frustrated and are ready to give up, you should not be surprised to hear the question, “Did you do the hand calculation?”

CONTENTS

1-11
Understanding process modeling and simulation through hand calculation


1-11.1
Using ChemCAD as a source of Physical Property Data


1-11.1.1
Flowsheet


1-21.1.2
Component Specification


1-21.1.3
Thermo [primarily for K-values]


1-21.1.4
Streams


1-21.1.5
Equipment


1-21.1.6
Running


1-21.1.7
Viewing Results


1-21.2
Sizing Heat Exchangers


1-31.2.1
A Note About Heat Exchanger Geometry, Tube Specs, and Velocity


1-31.2.2
Example.  Heat transfer coefficient for a single phase heater


1-41.2.3
Example.  Chlorobenzene Condenser


1-41.2.4
Example.  Sieder-Tate equation for water (cf. Turton et al., Ex9.1, p. 331)


1-41.2.5
Example.  Overall heat transfer coefficient and heat exchanger area.


1-51.3
Activity Coefficients


1-51.3.1
A Synopsis of Solution Non-Ideality: The Scatchard-Hildebrand Model


1-61.3.2
Example.  Benzene-Cyclohexane Fractionator Design (~Elliott and Lira, Ex.11.8)


1-61.3.3
Example. Partition Coefficients for Liquid Extraction and Decanting


1-81.4
Distillation Column Sizing


1-81.4.1
Example.  Butane-pentane Splitter Design (Perry’s p. 13-38)


1-91.4.2
Example.  Benzene-Toluene Short-Cut Column Design (~Turton Ex9.2e)


1-91.5
Absorber Design


1-101.5.1
Example 5.3 of Seader and Henley


1-101.5.2
Example.  Estimating the number of stages for an acetic anhydride absorber.


1-111.6
Decision Tree for Suggesting a Thermodynamic model


1-121.7
Reactor Sizing


1-121.7.1
Example.  Ethane cracking (Fogler, 2ed, Ex4.4)


1-131.7.2
Example.  Excess reactant


1-131.7.3
Example.  Limiting reagant


1-141.7.4
Example.  Langmuir-Hinshelwood Rate Calculation for Solid Catalyst


1-151.8
Homework


2-12
Introduction to Flowsheet Specification


2-12.1
Outline of the “Condensate Stabilizer” Problem


2-12.2
Flowsheet


2-22.3
Component Specification


2-22.4
Thermo [primarily for K-values]


2-22.5
Streams


2-22.6
Equipment


2-22.7
Running


2-22.8
Viewing Results


2-22.9
Reporting


2-32.10
A Brief Introduction to Two Simple Unit Operation Models


2-32.10.1
An Ultrasimplified Dimethyl Ether Process


2-32.11
Homework


3-13
Introduction to Equipment Sizing and Costing Using ChemCAD


3-13.1
Distillation shells and trays


3-13.2
Heat Exchanger Sizing


3-13.2.1
Sizing Cross-flow heat exchangers


3-23.2.2
Sizing Utility heat exchangers


3-23.2.3
Distillation Columns – Sizing condensers and reboilers


3-23.3
Costing Heat Exchangers


3-23.4
Rating Heat Exchangers


3-33.5
Homework


4-14
Material and Energy Balances With Ultrasimplified Unit Operations


4-14.1
Initial Reaction with Byproducts


4-14.1.1
Flowsheet


4-14.1.2
Component Specification


4-14.1.3
Thermo [For K-values, and enthalpy]


4-14.1.4
Streams


4-14.1.5
Equipment


4-14.1.6
Running


4-14.2
Quench Reactor for Final Product Synthesis


4-24.2.1
Editing Existing Flowsheet


4-24.2.2
Component Specification


4-24.2.3
Streams


4-34.2.4
Equipment


4-34.2.5
Running


4-34.3
Closing Large Recycles


4-44.4
Partial Condensers


4-44.5
Step-by-step


4-54.6
Stabilizing Recycle Convergence


4-64.7
Homework


5-15
Mass Transfer Operations


5-15.1
Simple Distillation


5-15.2
Sensitivity Analysis of Optimal Feed Stage


5-25.3
Absorber Design


5-25.3.1
Example.  Absorber for the Anhydride process


5-25.4
Azeotropic vs. Extractive Distillation


5-25.4.1
Azeotropic Distillation


5-35.4.2
Extractive Distillation


5-35.5
Liquid-Liquid Extraction


5-55.6
Hengstebeck Diagram


5-65.7
Homework


6-16
Reactor Design


6-16.1
Kinetic reactor for the acetic anhydride plant


6-16.1.1
Outline of the Problem


6-16.1.2
A.  Flowsheet


6-16.1.3
Streams


6-16.1.4
Equipment


6-26.2
Reactive distillation of ethanol and acetic acid to form ethyl acetate.


6-36.3
Gibbs Energy Minimization


6-36.3.1
Example.  Butene isomerization


6-36.4
Catalytic Reactors Based on WHSV and LHSV


6-46.4.1
Example.  Cumene reactor volume from space velocity.


6-46.5
Rate Expressions Based on Langmuir-Hinshelwood Kinetics


6-46.5.1
Example.  Acetaldehyde Reactor Based on Langmuir-Hinshelwood Kinetics


6-56.6
Homework Problems


7-17
A Brief Review of Economic Analysis


7-17.1
Cost Indices


7-27.1.1
Example.  Fixed capital investment of the Dimethyl Ether Process


7-27.2
Total Cost of Manufacturing (COM)


7-37.2.1
Raw Materials Costs and Product Value (Chem. Marketing Reporter)


7-47.2.2
Example.  Total cost of manufacturing for dimethyl ether synthesis based on 2008 construction


7-47.3
Cash Flow Diagrams


7-57.3.1
Example.  Present Worth of Cash Flow


7-57.3.2
Example.  Straight-Line Profitability Measures for a typical Process


7-67.4
HOMEWORK


8-18
Verifying Your Process Model


8-18.1
Phase Behavior


8-28.2
Enthalpy


8-28.3
Homework


9-19
Pseudo-dynamics Simulation


9-19.1
A.  Flowsheet


9-19.2
B.  Components


9-19.3
C.  Streams


9-19.4
D.  Equipment


9-19.5
E.  Running


10-110
Adding New Components - Including Polymers


11-111
Appendix A: Installing ChemCAD On Your Personal Computer





1 Understanding process modeling and simulation through hand calculation

Using ChemCAD may seem at first like a lot of simple pointing and clicking, but simulating any serious process flowsheet invariably leads to some sticky points.  Working through those points essentially requires breaking the model down until you find the part that is misconceived.  For example, if you find yourself frustrated with the reactive distillation model, why not build your own from kinetic reactors and flash units?  If your heat exchanger sizing does not converge, why not make your own estimate of the overall heat transfer coefficient and log-mean-temperature-difference?  How do you size the heat exchanger components inside a reactor?  If ChemCad’s heat transfer coefficient differs substantially from the heuristic value, why?  If your estimated reactor size is bigger than a football stadium, should you believe it?  If your shortcut estimate for a distillation column indicates a large number of stages, why?  The methods described below are not intended to be rigorous or quantitative, but they should be quick and provide estimates that are within an order of magnitude of the correct answer.  Then you need to think about the assumptions that are buried in these quick estimates and decide the impact of relaxing each assumption on the quantitative estimate that you finally report, to be sure that it makes sense.

Beyond the value of validating your process simulation, these shortcut methods help you to understand how your process works and how you might improve it.  For example, if your relative volatility changes from greater than unity to less than unity as you go from the bottom of the column to the top, you know there is an azeotrope in this system and you need to think carefully about your separation train.  Lower pressures generally give higher relative volatility.  If the viscosity of your fluid is high, then your heat transfer coefficients will be low and you will need to think carefully about the design of your heat exchanger.  Water has properties that facilitate heat transfer relative to other compounds.  High reflux ratios give large condenser and reboiler duties.  Going from 90% conversion to 99% conversion can make your reactor ten times larger, or even infinitely large if you attempt to exceed the equilibrium conversion.  These kinds of concise but expert insights often distinguish the practicing engineer from the engineers’ engineer.  They are equally valid (or invalid) for a simulated process or a real process, but you can practice overlooking them at a greatly reduced expense by practicing on a simulated process.  

In the discussion below, we begin with brief instructions for extracting physical property information from ChemCAD.  We are mildly cheating to use ChemCAD in this way when we are really intent on performing hand calculations, but it saves us considerable tedious effort relative to going to the library and looking up data.  In a test situation, you will be given the necessary physical property data to the extent that you need it.  After covering physical properties, we consider short-cut methods for sizing heat exchangers, distillation columns, and reactors.  These methods rely heavily on estimates of physical properties and illuminate the close relationship between process simulation and physical property estimation.  Understanding this relationship is especially valuable since complex simulation models and even actual plant operations rely on the accurate inference of physical properties in much the same way.

1.1 Using ChemCAD as a source of Physical Property Data

	One of the things that computers do best is store data.  Considering the number of truly ridiculous process designs that one can “make run” using a computer, it is arguable that computers should not be used for anything besides data storage and interpretation should be left entirely to humans.  But you always end up using a calculator to do the calculations, then typing an equation into Excel or your calculator.  At that point you have crossed the line into computer modeling and all that remains is shades of gray.  The line you should not cross is using a model that you do not understand and cannot verify with your own hands.  The short-cut equations help to bridge that gap through the Predict, Analyze, and Reflect procedure promoted by Turton et al. .

To use ChemCAD as a physical property calculator, the easiest thing to do is to build a small flowsheet with a feed, a flash, and two products.  
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1.1.1 Flowsheet

1. Format, ( Eng Units, ( Alt SI ( Save Default ( Save Profile.  OK.

2. Toggle palette by checking the View command.  Personally, I prefer the CC5 symbols. When you point to a particular icon on the palette, you see a text box known as a “tool tip” word description.  Some palette buttons have associated sub-Palettes that are invoked by clicking the main palette button.  You can also find detailed palettes like Heat Exchangers or Separators.  The icons are listed in alphabetical order from left to right and down.  Left click Feed, move cursor near the left of screen (click).  
3. Click and drag to position the Feed icon, then the flash icon (also on the Separators sub-palette), then the product icon.  Repeat for the product icon. 
4. Click on the stream icon.  Position the cursor near the point of the feed arrow, note how the mouse pointer changes shape when you get to the right point, click.  Position to flash unit (unit 1) inlet, click.  Position to flash top outlet (click), position to top product (click), etc., till you connect the flow sheet together.

1.1.2 Component Specification

1. ThermoPhysical ( Select Components ( chlorobenzene (double click), n-hexane (double click), water (…).

2. If you messed up use the menu at bottom left of screen.  When done, OK.

1.1.3 Thermo [primarily for K-values]

1. ThermoPhysical ( K-Values ( pull down arrow ( Peng-Robinson, select water immiscible option.

1.1.4 Streams

1. Note the units on the variables.  You can set these to whatever you like through Format/Engineering Units.

2. Double click stream 1 (feed).

3. Type: 105 (C and 1 bar.  Also type in kg/hr: chlorobenzene: 3555.

1.1.5 Equipment

1. It is not necessary to specify the flash unit since the default is to assume the inlet T, and P and calculate V/F.

1.1.6 Running

1. Run ( Run All ( “finished”.

1.1.7 Viewing Results

1. Right click the feed stream and view properties.  Close by clicking x on the tab below.
2. If you want a quick estimate of the K-values, right click on the flash unit and select “edit streams.”  Convert to mole fractions on the product streams and divide to get the K-values.  You will need to make sure that the conditions of the flash are such that two phases are generated however.  Here is one way to do so:  (1) double click stream 1 and add 2222 kg/hr of hexane.  Delete the temperature and leave it blank, then change the vapor fraction to 0.5 and press “flash.”  The new temperature (~99C) should appear.  OK (2) Run all.  Make sure there is something in each stream by double-clicking the two product streams in sequence.  Right click the flash unit and select “edit streams.”

1.2 Sizing Heat Exchangers

Surface area determines the cost of a heat exchanger.  Area is related to the heat transfer coefficient by:

Q = Uo A (Tst, 

where Q is the heat being transferred, Uo is the overall heat transfer coefficient, ( Tst is the driving force for transferring heat from shell to tube side. There are several contributions to heat transfer resistance.  The heat must first transfer from the fluid in the tube to the tube wall, then through the tube wall, then through the shell side (outside the tube) fluid.  Each of these transfers represents a parallel resistance to heat flow.  As in the physics of parallel circuits, overall resistance is the sum of individual resistances and resistances sum as reciprocals.  If we neglect the wall resistance,
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where hs is the heat transfer coefficient on the shell side and ht is the heat transfer coefficient on the tube side.

Heuristics for overall heat transfer coefficients can provide rough estimates of the heat exchanger area requirements, but a quick look at more detailed tables shows significant variations depending on the nature of the components (cf. Seider et al., 1999, p. 328;  McCabe et al., 2001, p. 347).  For example, the water (Shell) and water (Tube) coefficient is given as 200-250 Btu/((F-ft2-hr) but the fuel oil (S) to water (T) coefficient is given as 15-25.  Furthermore, there is significant variation even for a given shell and tube combination.  For example, the coefficient for organic solvents (S) to organic solvents (T) is reported as 20-60 Btu/((F-ft2-hr).  That gives a range of (150% error.  With errors like that, why even bother with anything besides the heuristic estimates given by Turton et al. (2003, p250)?  So it looks like all or nothing is the only appropriate course of action.  Either we estimate the heat transfer coefficients in fair detail, or we just use the heuristics.  The heuristic heat transfer coefficient (Uo) values (W/m2-C) are:  water to liquid, 850; condensers, 850; liquid to liquid, 280; liquid to gas, 60; gas to gas, 30; reboiler, 1140.  Maximum flux in reboiler is 31.5 kW/m2.

Detailed estimates of the heat transfer coefficient are based on correlations of the Nusselt number.  We will refer to two such correlations here.  First is an adaptation of the Sieder-Tate equation for no phase change and turbulent flow in a tube.  For simplicity, we neglect the factor of ((/(w)0.14 in the original Sieder-Tate equation (Turton et al., 2003, Eq. 9.1).
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Simplified Sieder-Tate equation
 MACROBUTTON MTPlaceRef \* MERGEFORMAT (1)

This equation is relatively simple to apply given the velocity (u, m/s) and physical properties viscosity (kg/m-s), heat capacity (J/g-K), density (kg/m3), and thermal conductivity (W/m-K) ((, Cp, and k respectively).  There is another equation that is most appropriate for the shell side with no phase change.  That is the Donohue equation.  But the Donohue equation is more tedious for hand calculation and does not add much to our understanding of the roles of the physical properties in the qualitative behavior of the process.  If it comes to applying the Donohue equation, we might as well use ChemCAD.  Therefore, we apply the Sieder-Tate equation to both the shell and tube sides in cases where there is no phase change.  When we apply the Sieder-Tate equation, we use the inside diameter of the tube to estimate the velocity.  Since many cases specify the mass flow rate in kg/hr, and viscosity in cP, we give the necessary conversions in the example.

1.2.1 A Note About Heat Exchanger Geometry, Tube Specs, and Velocity

The vocabulary of heat exchanger specifications can be slightly confusing when it comes to estimating the velocity of fluid in the tubes.  Briefly, the “number of tubes” is conventionally defined by the number of holes in the tube sheet.  The tube sheet is the plane through which tubeside fluid enters or exits the heat exchanger.  For example, the number of tubes, Nt, in Figure 1 is 2, and in Figure 2 it is 4.  If you look at the connection of the tube, you might say there is only one tube with some bends in it.  In fact, when it comes to computing the tubeside velocity, there is only one tube.  Therefore, we need an additional definition in order to be clear.  Note that dividing the number of tubes by the number of passes gives the relevant number of tubes for the velocity calculation.  Hence we define Npp = Nt/M, where Npp is the number of tubes per pass, and M is the number of passes. We could also define a relevant length, L, for the heat exchanger.  This length is given by the total area, A, divided by (Nt*(D), where D is the tube diameter.
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Figure 1. Diagram of a 1-2 heat exchanger.
One shell pass and two tube passes with an equal number of tubes in each pass. (cf. Perry’s 6th, p10.25) Nt = 2, Npp = 1
	
[image: image5.wmf]T

1

t

2

t

1

T

2


Figure 2. Diagram of a 2-4 heat exchanger.
(Two separate identical shells and two tube passes with an equal number of tubes in each pass.)

Nt = 4, Npp = 1.  


1.2.2 Example.  Heat transfer coefficient for a single phase heater

35555 kg/hr of liquid chlorobenzene is being heated from 80(C to 120(C on the tube side of a single pass heat exchanger with 80 tubes.  The diameter of each tube is 0.016 m.  Estimate the tube side heat transfer coefficient.

Solution: Velocity (u) can be computed for this example. Convert mass flow to volumetric, then u = vtot/(Npp*Ax).  Ax = (D2/4.  Npp is the number of tubes per pass. Nt=Npp*M is the # tubesheet holes.  M = 1 ( Npp = 80.
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NOTE: the default assumption for tube velocity is 1.8 m/s (Rule 11.13c), but this should be checked against the pressure-drop heuristics (Rule 11.5).  1.8m/s should be used on the shell side also since we have no other estimate.
The second equation that we will apply is an adaptation of Eq. 13.17 of McCabe et al. (2001, p 384).  This equation applies to condensation on the shell side of a heat exchanger.
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“Condensation” equation    MACROBUTTON MTPlaceRef \* MERGEFORMAT (2)

where g = 9.81 m/s2, ( is the heat of vaporization in kJ/kg (the factor of 1000 converts from kJ to J to obtain dimensional consistency), (Tst =(Ts – Tt), Ts is the shell-side temperature, Tt is the tube-side temperature, and the other properties are based on the liquid condensate film.  This is slightly different from Eq. 13.17 of McCabe et al. because the 0.463 has been reduced from 0.729 by assuming a standard of 6 tubes per stack.  The D in the condensation equation is technically the outside diameter.  The main alteration is that we have assumed a standard stack height of 6 tubes on the shell side of the condenser.
1.2.3 Example.  Chlorobenzene Condenser

3555 kg/hr of chlorobenzene is to be condensed on the shell side of a horizontal condenser.  Cooling water is available at 70(C with a temperature rise of 15(C.  Estimate the shell side heat transfer coefficient.  The fluid properties for chlorobenzene (MW=112.6) are:

	-kg/m3
	D-m
	mFlow-kg/hr
	-cP
	Cp-J/g-K
	k-W/m-K
	- kg/m-s
	-J/g
	Tc (K)
	Pc (MPa)
	(

	980
	0.016
	3555
	0.285
	2.4
	0.106
	0.000285
	
	632.4
	4.46
	0.249


Solution:  First estimate Tsat for chlorobenzene assuming ~ atmospheric pressure (1bar = 0.1MPa).

log10(Psat/Pc) = 7(1+w)(1-Tc/T)/3 
(Elliott-Lira, p262)




 MACROBUTTON MTPlaceRef \* MERGEFORMAT (3)

( Tsat = 131(C. Since the cooling water goes from 70 to 85(C, we can estimate the average value as 78(C.  
(T = (131 – 78) = 53 (C.  Next we must estimate the heat of vaporization of chlorobenzene.  Recalling that 
ln(Psat)=( Hvap(1/T-1/Tc)/(R(Z) = 2.3025*log10(Psat), we could use the Psat correlation, but then we still need an estimate for (Z.  A more convenient approximation is: 

(Hvap/RTc  = 7*(1- Tr)0.354+11w(1-Tr)0.456  (Reid et al., 1987, p220) 



 MACROBUTTON MTPlaceRef \* MERGEFORMAT (4)

(  ( = 34726(J/mol) / 112.6 (g/mol) = 308 J/g
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Note:  McCabe et al., p386 get h = 1095 W/m2-K, but they use different values for the physical properties (e.g. ( = 324.9 J/g; Cp = 0.155J/g-K). The physical properties used here are based on DIPPR data (Daubert and Danner, 1985 ff) and should be more reliable.  An exception is Eq. (4)

, which is less accurate but very convenient.

1.2.4 Example.  Sieder-Tate equation for water (cf. Turton et al., Ex9.1, p. 331)

Evaluate the heat transfer coefficient for water at 93(C flowing at 3.05 m/s inside a 38mm diameter tube.  Compare to the heat transfer coefficient for water at 21(C and 1.83 m/s.  

Solution: D = 38 mm = 0.038 m. The following table summarizes the necessary physical properties, problem specifications, and results. 

E.g. @21(C, Re=1.83*997.4*0.038/9.8E-4 = 71000, Pr=4.19*9.8E-4*(1000J/kJ)/0.604=6.798; 

Nu=0.023(71000)0.8(6.798)1/3 = 0.023*7603*1.894=331 => h = 331*0.604/0.038 = 5249 (roundoff gives 5266).

	Property
	21(C
	93(C
	FYI: 184(C
	Ratio 93/21

	( (W/m-C)
	0.604
	0.678
	0.675
	1.12

	( (kg/m3)
	997.4
	963.2
	880
	0.966

	u (m/s)
	1.83
	3.05
	
	1.667

	( (kg/m-s)
	0.00098
	3.06E-4
	1.44E-4
	0.312

	CP (kJ/kg-C)
	4.19
	4.20
	4.40
	1.00

	h (W/m2-C)
	5,249
	14,297
	
	2.724


1.2.5 Example.  Overall heat transfer coefficient and heat exchanger area. 

Evaluate the heat transfer coefficient for 11bar steam in application to the heat exchanger from Example 0.  Combine the two heat transfer coefficients to estimate the overall heat transfer coefficient.  Estimate the flow rate of steam (kg/hr) and the required area (m2) of the heat exchanger.  

Solution:  By energy balance: Q= mC*Cp*(T = 35555*3*40 = 4,266,600 kJ/hr = 1185kW = mW ( 

4,266,600 kJ/hr = mW *2022 kJ/kg m; ( mW = 2110 kg/hr.  

Referring to the properties of water at 184(C from Example 1.2.4, we have:

	-kg/m3
	D-m
	mFlow-kg/hr
	-cP
	Cp-J/g-K
	k-W/m-K
	- kg/m-s
	-J/g

	880
	0.016
	2110
	0.144
	4.4
	0.675
	0.000144
	2022


Applying the condensation equation gives hCon = 6327 W/m2-K.  Uo = 1/[1/6327+1/1303] = 1080 W/m2-K

A = Q /(Uo*(T) = 1185000/(1080*84) = 13.1 m2.  (FYI: Finance ( 15.5k$ base cost).  

Activity Coefficients 

Upon close inspection, you will see that models of distillation, absorption, stripping, liquid extraction, and crystallization are merely simple applications of thermodynamic models. Realistically, it may have been some time since you thought much about activity coefficients and their impact on distillation.  The problem is that rigorous, multicomponent thermodynamic models require more elaborate computations than would be appropriate for the shortcut models pursued here.  To achieve an approachable refresher of the basics, we present a simple analysis based on the Scatchard-Hildebrand (ScHil or SH) model.  The role of the activity coefficient is to modify Raoult’s law with regard to the liquid phase.  As you may recall, the vapor-liquid partition coefficient (Ki) is the ratio of the vapor composition to the liquid composition (Ki = yi/xi), and the vapor and liquid compositions are related in that their fugacities must be equal (fiV = fiL).  The vapor fugacity is reasonably represented by the partial pressure 
(fiV = yi P), especially for pressures less than 11 bars.  The liquid fugacity is accurately represented by the activity model, (fiL =xi(iPisat).  Equating the fugacities and rearranging shows that 

Ki = yi/ xi = γiPisat/P.  

Note that assuming (i = 1, as in an ideal solution, gives Raoult’s law.  This is why we refer to the above equation as the modified Raoult’s law. (cf. Elliott-Lira, Eq 11.2)

The essential concept in distillation is the relative volatility of the key components.  The relative volatility can be expressed in general as: 
(i = Ki/KHK = (γi*Pisat)/(γHK*PHKsat) 
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where HK indicates the “heavy key” component, and γi indicates the activity coefficient.  The heavy key is the lightest component with a split fraction less than 0.5.  A split fraction is the ratio exiting as distillate divided by that entering as feed.  The light key component is the heaviest component with a split fraction greater than 0.5.  This may seem confusing at first, but the idea is that components lighter than the light key will obviously exit as distillate since the light key exits primarily as distillate.  A similar idea applies to the heavy key.  Typical split fractions are roughly SLK ( 0.9 and SHK ( 0.1, so the splits are fairly clear.  Our shortcut modeling focuses just on the key components.  Noting that γi = 1 for all components in an ideal solution, (i would depend only on vapor pressures in that case and no azeotropes could exist.  Solution non-ideality implies that the activity coefficients deviate from unity. They deviate most when most dilute.  Since the light key is dilute at the bottom of the column and the heavy key is dilute at the top, the relative volatility may change substantially from the top to the bottom of the column for a non-ideal solution.  Since the light key is dilute at the bottom, but the heavy key is dilute at the top, the large value of γ switches from the numerator to the denominator in Eq. (5)

.  If γHK > PLKsat /PHKsat, then we encounter an azeotrope.  This is the most important reason why we must acknowledge solution non-ideality.  

Solution non-ideality also plays an important role in liquid extraction.  In fact, you cannot even obtain two liquid phases when the activity coefficients are fixed at unity.  The partitioning between liquid phases is dictated by the ratios of the activity coefficients in each phase (KiLL = xiUp /xiLo= (iLo/(iUp).  So, once again, the activity coefficient must be appreciated.  (Note: fiL = xiUp * (iUp * PiSat = xiLo* (iLo * PiSat).

1.2.6 A Synopsis of Solution Non-Ideality: The Scatchard-Hildebrand Model

Solution non-ideality is an essential consideration for even an elementary understanding of highly significant unit operations like distillation of azeotropic systems and liquid extraction.  The right way to cover this subject requires at least one complete course.  We must assume that you have mastered the material in that course, but you may be aided by a brief review.  We further constrain ourselves in this chapter to hand calculable methods.  To satisfy these constraints requires some compromise.  

One of the simplest activity models is the Scatchard-Hildebrand (SH) model. 
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Elliott and Lira, Eq. 11.38  
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where ( ( solubility parameter; V = MW/(298; (298 = liquid density at 298K; (i = xiVi /((xiVi); <δ>≡/((iδi
For binary solutions, we can make it even simpler.  In which case, Eq. (6)

 reduces to:
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Elliott and Lira, Eq. 11.38  
(6a)
We may now estimate the pertinent relative volatilities by making reasonable assumptions about the compositions at the top or bottom of a distillation column. 

Before illustrating this procedure with an example, it is worthwhile to review the conditions that give rise to non-ideal solutions and azeotropes.  Eq. (6)

 shows that large differences in solubility parameter give rise to large deviations from unity for the activity coefficient.  Solubility parameters for hydrocarbons are roughly 7-9, ethers, esters, and ketones 8-10, amines and alcohols 10-15, and for water ( = 19
 (cal/cm3)½.  You should be able to find liquid densities on the Internet if nowhere else, but you can assume ( = 0.85 g/cm3 as a default value.*  To form an azeotrope, it is necessary for the activity coefficient’s dependence on composition to overwhelm the contribution from the vapor pressures.  Remember, it is the change in relative volatility from greater to less than unity that indicates an azeotrope.  Note also that the temperature is decreasing as we go from the bottom of the column to the top.  This is especially important in the presence of a Bancroft point. A Bancroft point occurs when the vapor pressures of two components cross as the temperature is varied.  Elliott and Rainwater (2000) estimated that roughly half of commonly encountered azeotropic systems possess Bancroft points.  The reason is that even a small non-ideality gives an azeotrope when the vapor pressures are nearly equal.  To illustrate these issues, consider the following example.

* You can find solubility parameters and densities in the AIChE DIPPR manual on pure component properties in the reference section of the library. (Daubert and Danner, Call # TP200.D39 1989 ) or in Reid et al., The Properties of Gases and Liquids.  

1.2.7 Example.  Benzene-Cyclohexane Fractionator Design (~Elliott and Lira, Ex.11.8)

A feed stream with mole flow rates (kmol/hr) of {benzene, cyclohexane} = {15,25} is to be split at 1 bar such that 90% of benzene is recovered in the distillate and 90% of cyclohexane is recovered in the bottoms.  The heat of vaporization of the distillate can be approximated by that of benzene.  Estimate the number of stages, the reflux ratio, and costs associated with this column assuming (a) the ideal solution model (b) the SH equation with kij=0.  You may assume (298 = 0.85 g/cc for both components.

	Component
	( (cal/cc)1/2
	Tb(C
	Psat(80.1)
	Psat(80.4)

	Benzene
	9.2
	80.1
	760.0mmHg
	767.4

	Cyclohexane
	8.2
	80.4
	752.7
	760.0


Solution: Assume the top is 90%pure benzene and the bottom is 90%pure cyclohexane.  This gives TT = 80.1(C, 
TB = 80.6(C and all we need for the relative volatility in the ideal solution is the vapor pressure of the component not at its boiling point, as given in the table. 

(a) For an ideal solution:

(T = 760/752.7 = 1.00972, (B = 767.4/760 = 1.00967 ( ( = 1.0097.  SLK = 0.9;  SHK = 0.1;  F/D = 40/15.

From the shortcut distillation model, we can obtain: N = 455; R = 357.  This seems mathematically possible

(b) Recognizing the solution non-idealities: VB ~ 78/0.85 = 92; VC ~ 84/0.85 = 99; ( <V> = 96.

Top: 
<δ>=9.042; (B = exp[ (1-0.9)2(9.2-9.042)2/(353*1.987)] = 1.002;  
                    (C = exp[(1-0.1)2(8.2-9.042)2/(353*1.987)]] = 1.118 ( (B/(C = 0.896
Bottom: 
<(>=8.273; (B = exp[ (1-0.9)2(9.2-8.273)2/(354*1.987)] = 1.104;  
                    (C = exp[(1-0.1)2(8.2-8.273)2/(354*1.987)]] = 1.001 ( (B/(C = 1.10

(T = 1.00972*0.896 = 0.905, (B = 767.4/760*1.118/1.001 = 1.124 ( IMPOSSIBLE.

FYI:  Note the relation between boiling temperature and vapor pressure.  You can recognize and possibly avoid difficult separations simply by considering the boiling temperatures.

1.2.8 Example. Partition Coefficients for Liquid Extraction and Decanting

Liquid extraction relies on the distribution of a component between two liquid phases to effect the separation.  Suppose we would like to explore the partitioning of ethanol between n-pentane and water in the 25(C decanter of an azeotropic distillation.  The distribution coefficient is defined by KiLL = xiUp /xiLo= (iLo/(iUp.  Estimate the activity coefficient of ethanol in 99% n-pentane assuming zero water in the pentane-rich phase.  Similarly, estimate the activity coefficient of ethanol in 99% water assuming zero pentane in the water-rich phase.  Evaluate the KiLL for ethanol based on these activity coefficients.  Does the ethanol prefer pentane or water?

	Component
	( (cal/cc)1/2
	VL(cc/mol)

	n-pentane
	7.0
	114

	Ethanol
	12.8
	58

	Water
	19.0
	18


Solution: For pentane rich phase:   <(> = 7.029. 

ln(eUp = 58*(12.8-7.029)2/(1.987*298) = 3.26 ( (iUp = 26

For water rich phase:   <(> = 18.802.  

ln(iLo = 58*(12.8-18.802)2/(1.987*298) = 3.59 ( (iLo = 36

KeLL = 36/26 = 1.4 ( ethanol prefers n-pentane.  

FYI:  (wUp = 78 and (pLo = 721E9 ( Kw = 0.0128;  Kp = 721E9

Note: ethanol is actually quite uncomfortable in both phases by this calculation.  Scatchard-Hildebrand theory tends to overestimate the disfavor engendered by hydrogen bonding.  Nevertheless, it satisfies the needs of a shortcut model.  We have some hope that the activity coefficient is overestimated similarly in each phase so the ratio may come reasonably close.  Liquid partition coefficients should be checked especially against multiple thermodynamic models and experimental data as much as possible.  The advantage of the kij terms is that you can tune to experimental data when available.  

1.3 Distillation Column Sizing

We can approximately model mass transfer operations with some simple equations, given estimates for the equilibrium K-values.  The important equations here are the Fenske equation for the minimum number of stages, the Underwood equation for minimum reflux ratio, the Gilliland correlation for actual number of stages, and a heuristic for estimating the diameter of the column.  
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Fenske’s Equation (~Rule 13.7)
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Simplified Underwood’s equation (~Rule 13.8)
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R = 1.3 Rmin 






~Rule 13.5
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Eduljee-Gilliland Correlation
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Nact = Nideal*1.1/0.6 





Rule 14.4+13.9

hcol (ft) = 2ft/tray*Nact
[Note: hcol < 175ft (53m)]


Rule 14.1 & 14.14

( dcol = 2*[v/(uV *3.14)]1/2 ;  uV (m/s) = 1.35/((V)0.5; V = D(1+R)
Rule 14.5.
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QB ( QC  ( (LK*V;   e.g.  v (m3/sec) = V(kg/hr) *(1hr/3600sec) (1/ρV kg/m3)
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where Si = split ratio on ith component defined as the ratio of the component leaving as distillate to that entering the column as feed, ( = ((T (B)1/2 is the average relative volatility of the light key to the heavy key evaluated as the geometric mean near the top and bottom stages of the column, zj = feed composition of jth component, dcol = diameter of the column, D = distillate rate in appropriate units, V = vapor flow rate in appropriate units, v = vapor rate in m3/sec, Q = heat duty, (LK = heat of vaporization of the light key.  We can estimate the heat of vaporization for all distillate components as that of the light key if in an extreme hurry.  Note that this formulation is more general than that given by Rule 13.7.

1.3.1 Example.  Butane-pentane Splitter Design (Perry’s p. 13-38)

A feed stream with mole flow rates (kmol/hr) of {C3, iC4, nC4, iC5, nC5} = {5,15,25,20,35} is to be split at 1 bar between nC4 (Tc = 425.2 K, Pc  = 3.797 MPa, ( = 0.193, Tb = 272K) and iC5 (Tc = 460.4 K, Pc  = 3.381 MPa, 
( = 0.228; Tb =301K) such that 93% of nC4 is recovered in the distillate and 83% of iC5 is recovered in the bottoms.  The heat of vaporization of the distillate can be approximated by that of n-Butane.  Estimate the number of stages, the reflux ratio, and costs associated with this column.  Compare your result to the results from ChemCAD with 
q = {0.0,0.5, 1.0} where q = 1 if saturated liquid, or 0 if saturated vapor. Assume the Ideal VP K-value model.  

Solution:  For starters, we need temperature estimates at the top and bottom of the column.  Let’s assume the top is pure n-butane and the bottom is pure iC5.  Solving for Tsat at 1 bar by Eq. (3)

 for each component gives TT = -1(C, TB = 28(C and an average temperature of 14(C = 287K.  All we need for the relative volatility in this ideal solution is the vapor pressure of the component not at its boiling point for the other half of each (. (Rule 13.2).

(T =1/0.35 = 2.87, (B = 2.7/1 = 2.7 ( ( = 2.77. SLK = 0.93; SHK = 0.17; D =0.93*25+0.17*20+5+15 =46.7kmol/hr

Fenske’s equation gives, Nmin = 4.1.  The simplified Underwood equation gives 
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The Eduljee correlation gives Nideal = 8.9 ~ 9. Nactual = 8.9/0.6*1.1 = 16

The column diameter requires (V and v; 

The molecular weight of the distillate is roughly: (5*44+15*58+25*58)/(5+15+25) = 56 kg/kmol 

(V = 0.1/(8.314*287) * 56 * (1E6cm3/m3)/(1000g/kg) = 2.35 kg/m3.  

(Note: using average temperature gives estimate of average column diameter.)

u = 1.35/(2.35)0.5 = 0.88 m/s  (Rule 14.2)

v ( 46.7kmol/hr*(1000mole/kmol)/(1E6cc/m3)*8.314*(287)*(1+1.57)/(0.1*3600) = 0.79 m3/s 
( dcol = 2[0.79 /(0.88*3.14)]1/2 = 1.07 m = 3.52 ft

(LK = 378 kJ/kg, QB ( QC  ( 46.7*(1+1.57)*378*56/1000 = 2543 MJ/hr (278 kW/(MJ/h)]= 707,000 W.  If we assume 1 bar boiling propane in the condenser utility (TB = -42(C) and 5 barg steam at 160(C in the reboiler (cf. Turton et al., p. 197) and apply the heuristic overall heat transfer coefficients (Rule 11.8), 

AC ( 707,000/[850*(-1+42)] = 20 m2; AB = 707,000/[1140*(160-28)] = 4.7 m2.  

With 60% tray efficiency and a 10% safety factor, Nactual = 17.  Rule 14.1 suggests a tray spacing of 2 ft ( 34ft ~ 10m. ( Vcol = 10((1.07/2)2 = 9m3. Turton (FINANCE) gives 10.5k$ for column shell and 0.97k$*17 for sieve trays ( 27 k$ column EC.  For HXRs, Turton(FINANCE) gives ~18 k$ for the condenser and ~25 k$ for the reboiler.

FYI: CC6 gives 48k$ col EC for shell and trays.  For tray designs, CC6 gives:

	q
	Nmin
	N
	R

	0
	5
	12
	0.6

	0.5
	5
	11
	1.2

	1
	5
	10
	2.3


So the number of stages is always close and the reflux ratio is closest for vaporized feed.  

NOTE:  Turton et al. give a different formula for Nmin that is based only on the light key mole fraction in distillate and bottoms.  Turton’s formula is fine for binary mixtures, but what about a mixture like this example?  They give,
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Turton’s Fenske Equation (~Rule 13.7)
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We can estimate xLKTop as (0.93*25)/(0.93*25+5+15) and xLKBot = (0.07*25)/(0.07*25+20+35).  Taking  =2.77,    Nmin = 1.2.  This compares to the value of 4.2 from the above or 5.2 from ChemCad.  The moral to the story seems to be that Turton’s equation is only valid for binaries, so you should use Eq.(1.8)

 in general.

1.3.2 Example.  Benzene-Toluene Short-Cut Column Design (~Turton Ex9.2e)

Estimate the diameter and height of the distillation tower labeled as T-101 by Turton et al. Figure 1.5 on p 24.  

Solution:  Refer to Table 1.5 on p 19 for the flow and composition of streams 10, 11, and 15.  The distillate (15) can be checked by subtraction of stream 11 from stream 10.  Benzene is the light key, toluene the heavy.  This gives 
D = 105.2 kmol/h for benzene plus 0.4 for toluene = 105.6 total.  The resulting split is 105.2/106.3 = 0.9897 for benzene and 0.4/35 = 0.0114 for toluene.  Note that the split fractions for the two components do not necessarily sum exactly to one.  (ovhd and (bot are given by Turton et al. (p. 240) as 2.44 and 2.13 so ( = 2.28.

These values give Nmin = 10.95.

For Rmin we need F/D = 142.2/105.6

Rmin = 1.05 => R = 1.3* Rmin = 1.37.  

Eduljee-Gilliland:  N = 23

At 60% efficiency and a 10% safety factor, Nactual = 23*1.1/0.6 = 42.

The vapor density can be estimated by the ideal gas law, times the g/mol for the stream, converted to kg/m3.  Noting the average temperature from top to bottom is (112+147)/2+273 = 130+273 = 403K, and MWD = 8210/105.6 =78.

(V = 0.25/(8.314*403) * 78 * 1000 = 5.82 kg/m3  (  u = 1.35/(5.82)0.5 = 0.56 m/s

Distillate volumetric flow rate, v ( 105.6 kmol/hr/1000*8.314*403*(1+1.37)/(0.25*3600) = 0.93 m3/s

( dcol = 2[0.93 /(0.56*3.14)]1/2 = 1.46 m;  Referring to Eq. (4)

 to compute hVap and (:

(LK = 30036/78=385 kJ/kg, QB ( QC ( 105.6 *(1+1.37)*385*78/1000 = 7508 MJ/hr (0.278 kW/(MJ/h)]= 2087 kW.  If we assume 1 bar cooling water in the condenser utility (TW = 35(C) and 10barg steam in the reboiler and apply the heuristic overall heat transfer coefficients, AC ( 2087*1000/[850*(112-35)] = 32 m2; 
AB = 2,087*1000/[1140*(184-147)] = 50 m2. 

1.4 Absorber Design

Unfortunately, shortcut design of absorbers, strippers, and liquid extractors is not as conveniently treated as design of simple distillation columns.  This means that we need to refer back to some of our chemical engineering principles to design these types of unit operations.  An absorber is basically the top half of a distillation column, also known as the rectifying section.  One obvious thing to try then would be the Fenske equation, based on relative volatility, since that is what the Shortcut Column model applies.  But reference to Seader and Henley (1998) indicates that they recommend the Kremser equation, based on K-values.  Presumably, K-values are closer to constant for these unit operations since the temperature and composition changes are smaller.  

The key equation of the Kremser approximation is, 
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where 
(iA is the fraction of the ith  species entering the vapor that is not absorbed (fraction out as vapor).


Ai = Ltotin/(Ki*Vtotin) is the effective value of the absorption factor, assumed constant for all stages.


N is the number of stages

The key parameter in the Kremser approximation is the absorption factor, Ai.  The definition of Ai shows that an unfavorable value for Ki can be overcome to some extent by increasing the L/V ratio, and that values for Ki approaching zero favor absorption.  These key observations are fairly intuitive, so the purpose of the Kremser approximation is to derive quantitative estimates from some fairly obvious insights.


A closely related equation expresses the Kremser approximation in terms of the split factor,
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where 
(iS is the fraction of the ith  species entering the liquid that is not stripped (fraction out as liquid).


Si = (Ki* Vtotin)/ Ltotin = 1/ Ai is the effective value of the stripping factor, assumed constant for all stages.

We solve for the vapor out the top of the column using the split fractions and then solve for the liquid out the bottom by an overall mass balance.

Viout = Viin (iA + Liin (1-(iS)
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Liout = Viin + Liin - Viout
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Note that the absorption and stripping splits do not sum to unity [ie. (iS ( (1-(iA)] unless the vapor and liquid flow rates are identical.  The thing to remember is that it only makes sense to use the absorption recovery fraction for absorbers and the stripping recovery fraction for strippers.  We discuss both here simply because it is so convenient, even though this section and the examples below only address absorption.  With this presentation you should be able to adapt to stripping easily enough on your own.  

The inputs to the calculation are the K-values, vapor moles in, and liquid moles in, and a split spec for one of the components or a spec on the number of stages.  Example 5.3 on p245 of Seader and Henley is presented below with an Excel spreadsheet that you can activate by double-clicking if you have the electronic version of this document.  After that, we turn to an absorber for an anhydride process in which we wish to estimate the number of stages to achieve a given split spec.

1.4.1 Example 5.3 of Seader and Henley

The heavier components in a slightly superheated hydrocarbon gas are to be removed by absorption at 400 psia with a high molecular weight oil. The flow rates (mol/hr) for {C1,C2,C3,nC4,nC5, and oil} are {160, 370, 240, 25, 5, 0} for vapor and {0,0,0, 0.05, 0.78, 164.17} for liquid.  Estimate exit vapor and exit liquid flow rates and compositions by the Kremser approximation.  Assume that effective absorption and stripping factors for each component can be estimated from the entering values of L, V, and the component K-values evaluated at 400 psia and effective temperature of 97.5(F using the ideal vapor pressure model.  


[image: image19.wmf]Kremser treatment of an absorber.  
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Teff=

97.5

F

309.5

K

Ai=Lin/(Ki*Vin)

Peff=

400

psia

2.76

MPa

Si=1/Ai

nStages=

6

SplitA=(Ai-1)/(Ai^(N+1)-1)

K-values

VapIn(mol/h)

LiqIn(mol/h)

A

S

SplitA

SplitS

VapOut

LiqOut

C1

13.437

160

0

0.0153

65.1515

0.985

0.000

157.5

2.5

C2

1.913

370

0

0.1078

9.2748

0.892

0.000

330.1

39.9

C3

0.461

240

0

0.4472

2.2361

0.555

0.004

133.1

106.9

nC4

0.125

25

0.05

1.6454

0.6078

0.020

0.405

0.5

24.5

nC5

0.038

5

0.78

5.4459

0.1836

0.000

0.816

0.1

5.6

Oil

0.0001

0

164.17

2062.5000

0.0005

0.000

1.000

0.1

164.1

Tot

800

165

621.6

343.4


1.4.2 Example.  Estimating the number of stages for an acetic anhydride absorber.

The process for producing acetic anhydride involves the formation of gaseous species as byproducts from the pyrolysis reactor and side reactions.  We will discuss the overall process in upcoming sections, but we can consider the absorber given the present coverage of the Kremser method.  The flow rates (kmol/hr) for {acetone, methane, ethylene, CO, Ketene, acetic acid, and acetic anhydride} are {5.61,6.88,0.41,0.83,0,0.49,0.02} for vapor and {0.20,0,0,0,0,36.73,0.024} for liquid.  We have a different problem than the oil absorber because we want to estimate the number of stages to absorb a split fraction of acetone of 0.001 exiting as vapor.  But we can easily alter the spreadsheet to iterate on nStages. Similarly, you can copy the appropriate stream flow rates in kmol/h into the spreadsheet.  Right click the stream before the mixer of the vapor and acid streams and paste these values into the spreadsheet.  Convert text to columns and copy the liquid component flows into the appropriate column of the Kremser spreadsheet.  Be sure to incorporate anhydride as a component.  Set the K-value for Ketene to 1.  Iterating on the number of stages such that the acetone absorption factor vapor split is 0.001 (99.9% recovery) gives 5+ stages.  Heuristic 13.9 is that we need 10% safety factor on the number of trays, bringing us to 6+ stages.  Rounding up gives 7 stages and this is what we will use.  Heuristic 13.13 indicates the desirability of an absorption factor in the range 1.25-2.0.  Our value of 3.5 is therefore too high.  The way to optimize this would be to reduce the liquid flow rate by reducing the recycle of acid.  We may consider this option as a homework problem.  The anhydride absorber spreadsheet is below:
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1.5 Decision Tree for Suggesting a Thermodynamic model

Many volumes have been written about thermodynamic modeling, and they can be overwhelming.  What if you just want to know what to try first, but you need to know it now?  There are a few key guidelines that should help if you don’t mind recalling the difference between a fugacity coefficient and an activity coefficient.  The obvious first choice is an activity coefficient method if the pressure and temperature of your system are near 1 bar and 100(C and the binary interaction parameters (BIPs) are available.  The availability of BIPs is an indication that experimental data probably exist for that binary system.  Even if the BIPs are not available, you can probably estimate them with UNIFAC with better accuracy than an equation of state with kij = 0 would give.  You may need some fresh practice performing that estimation, so we illustrate the methodology in an example below.  You should use UNIFAC sparingly, however.  UNIFAC is essentially a theory, and experimental results beat theories.  

As the pressure and temperature increase, the decisions become more difficult.  First, suppose you have CO2 in your system at 100(C.  What model should you use?  The temperature is not so high, but it is above the critical temperature of CO2.  Therefore, Pisat is undefined for CO2.  Recalling that fiV = fiL at equilibrium and an activity model typically represents fiL = xi (i Pisat, an activity model is at a loss because Pisat is undefined.  But there may be a saving grace.  If the mole fraction of the gas component in the liquid is less than ~0.05, then we can apply Henry’s Law.  According to Henry’s Law, we write fiL = xiHi, where Hi is the Henry’s Law coefficient.  So we set  fiV = yiP = fiL = xiHi and Ki = Hi/P and proceed as usual.  Problem solved… almost.  There is still a subtle difficulty.  To define a Henry’s Law coefficient and archive it in the database for a specific component, we need to define what the other 95% of the solution is.  (Now you are probably remembering why you found thermodynamics so painful.  Be patient. Take a deep breath.)  The choice of standard solvent is arbitrary, so ChemCAD chooses water.  If your solvent is considerably different from water, you need to modify your characterization of the activity coefficient in terms of the BIP’s. We already talked about that but this may be a good time to remind you to check your thermo model and make sure it is giving the results you expect.  Generally, you should perform some sample calculations at conditions where you know the answer and see if the model matches the data.  For example, you might calculate the solubility of CO2 in liquid water at 1 bar and compare it to a literature value.  

The activity model approach discussed above takes care of most situations.  Even if electrolytes are present, you just need to apply the appropriate electrolyte reaction equilibria and activity relations.  But suppose you have a process involving vinyl acetate, polyvinylacetate, and ethylene at 50(C and 50 bars.  The solubility of ethylene exceeds 5 mole % under these conditions.  Here we go again.  The good news is that none of these species hydrogen bond, so the solution is relatively ideal.  The Peng-Robinson equation should be tried in that case because the solution is only weakly polar and equations of state treat supercritical species consistently with their treatment of subcritical species.  There is no hypothetical liquid or Henry’s Law reference state to worry about.  The problem is that you only have kij  to work with to fit your data, and that may limit the accuracy of your fit.  

Now comes the last problem.  What if your process involves ammonia and octane at 150(C and 150 bars?  The Peng-Robinson equation probably will not work because ammonia hydrogen bonds.  But the ammonia is supercritical and fairly soluble at these conditions.  This is a problem that has not been as well resolved as the other types of mixtures and methods are still being developed and tested.  The most successful methods are the ESD, SAFT, USRK, and Wong-Sandler equations of state.  ChemCAD currently favors the USRK equation for these types of mixtures.  The ESD and SAFT equations are also readily adapted for polymer solutions, but the Wong-Sandler and USRK equations are less directly applicable.  Utilities for estimating the BIP’s of the ESD and Wong-Sandler equations are available at www.egr.msu.edu/~lira/thermtxt.htm.

To summarize, the decision tree is given in graphical form as Figure 3.
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Figure 3. Decision tree for selecting a thermodynamic model.

1.6 Reactor Sizing

One of the distinctive features of Chemical Engineering is chemical reactions.  Other engineering disciplines may deal with heat transfer or thermodynamics, but only chemical engineers deal with reactions.  Some of the issues related to reactions involve simple stoichiometry, like balanced stoichiometric coefficients or heats of formation.  What might seem unfamiliar is size estimation for chemical reactors.  The key concept is that faster reactions require less time to complete.  The only concept to add is that increasing flow rate decreases the time available for reaction.  Putting these concepts together, we recognize that a larger reactor will be needed for faster flow rates and slower reactions.  At that point, it is simply a matter of putting an equation on paper.

To a reasonable approximation, we can quickly estimate the size of a reactor by treating it as a Continuous Stirred Tank Reactor (CSTR).  The formula is simple and easy to apply and it generally gets us within an order of magnitude and something like an upper bound.  We will ignore all but the primary reaction, so the formula is:

V = FA0*XA/(-rA)|exit






Fogler 2ed, Eq. 2.13
 MACROBUTTON MTPlaceRef \* MERGEFORMAT (19)

Where FA0 [=] limiting reagent moles/s, V [=] cm3, rA [=] moles/(cm3-s), rA = rA(CA) OR rA = rA(PA)

Note that the expression for rA generally involves CA or PA (ie. PA = yA* nT RT/V = nA RT/V = RT* CA for ideal gases).  For gas reactions, CA can change owing to dilution as well as reaction if the moles of products do not equal the moles of reactants. The dilution effect is most easily understood in terms of the partial pressure expression.  At constant pressure and temperature, P/RT = nT /V = const. and, 

yA = nA/ nT = (nA(+( (A)/(nT(+( ((i) 







 MACROBUTTON MTPlaceRef \* MERGEFORMAT (20)

where (i is the ith stoichiometric coefficient and ( is the extent of reaction. 

1.6.1 Example.  Ethane cracking (Fogler, 2ed, Ex4.4)

The reaction of ethane to ethylene and hydrogen is to be conducted at 1100K and 6 bars:

- rA = k CA with k = 1.25E17 exp(-42000/T(K)) s-1.

Where CA = the mole fraction of ethane in mole/cm3.

(a) Write a balanced stoichiometric equation for this reaction.

(b) Estimate the volume of the reactor required for producing 300 million pounds per year assuming 80% conversion.  Note that all components must be gaseous at this temperature and pressure.

Solution: (a) C2H6 = C2H4 + H2

(b) 300E6 lb/yr * 1yr/365 days * 1day/24hr * 1hr/3600s * 454g/lb * 1mol/30g = 144 mole/s

At X=80% conversion, we need 144/0.8=180mol/s ethane entering and the remaining ethane is 0.2*180 = 36mol/s. So we have 144 mol/s each of C2H4 and H2.

Noting that Ci = yi *P/RT, we can summarize this analysis in a table:

	
	In
	Out
	yOut
	cOut

	Ethane
	144
	28.8
	0.111111
	7.29E-06

	Ethylene
	0
	115.2
	0.444444
	2.92E-05

	H2
	0
	115.2
	0.444444
	2.92E-05

	
	
	259.2
	
	


k = 1.25E17 exp(-42000/1100) = 1.25E17 * 2.62E-17 = 3.3 s-1
(-rA)|exit = 3.3 * 7.29E-6 = 2.406E-5 mole/(cm3-s)

V = 180*0.8/2.406E-5 = 6.0E6 cm3 = 6.0 m3.

A more sophisticated reactor model would assume that the concentration continuously changes as the components flow through.  This kind of model is called a plug flow reactor (PFR) because it assumes zero back mixing.  For example, this model would be reasonable for a packed bed catalytic reactor, a very common kind of reactor in the chemical industry.  Unfortunately, the PFR model requires evaluating multiple reaction rates and integrating throughout the reactor.  The CSTR model requires only a single evaluation and checks that evaluation at the specified conversion.  An important consideration is that the CSTR model can quickly detect whether the specified conversion is unrealistic because the rate at that conversion is the first thing you calculate.  Furthermore, the reaction rate usually decreases with conversion because the reactant is diluted by products.  This means that the size estimate by the CSTR model is usually larger than necessary for a PFR, typically by a factor of 2.  It is not too difficult to add less catalyst to a reactor that is too large, but a big problem arises if the reactor is too small.  Finally, reactors do not usually contribute a huge fraction of the plant cost, so slightly overestimating the reactor size does not severely alter the economic evaluation.  For all these reasons, the CSTR model suffices for our sizing applications.

1.6.2 Example.  Excess reactant

Ethylene and chlorine react at 1100K and 6 bars to form 12dichloroethane.

(a) Write a balanced stoichiometric equation for this reaction.

(b) Assume a stoichiometric feed of ethylene and chlorine.  Estimate the partial pressures (bar) of the components in the reactor by the CSTR model at 70% conversion.

(c) Suppose chlorine is fed at 50% excess. Estimate the partial pressures (bar) of the components in the reactor by the CSTR model at 70% conversion.

Solution: (a) C2H4 + Cl2 = C2H4Cl2

(b) Basis: 100 mol/s of ethylene.  Note that “stoichiometric feed” means in proportions of their stoichiometric coefficients.

	
	In
	Out
	yOut
	pOut

	Ethylene
	100
	30
	0.231
	1.38

	Chlorine
	100
	30
	0.231
	1.38

	DCE
	0
	70
	0.538
	3.23

	
	
	130
	
	


(c) Basis: 100 mol/s of ethylene.  Note that 50% excess chlorine means in 150% of the stoichiometric amount.

	
	In
	Out
	yOut
	pOut

	Ethylene
	100
	30
	0.167
	1.00

	Chlorine
	150
	80
	0.444
	2.67

	DCE
	0
	70
	0.389
	2.33

	
	
	180
	1.000
	


1.6.3 Example.  Limiting reagant

The generic reaction A+2B = C + D is conducted at 1100K and 3 bars.

(a) Estimate the partial pressures of the components in the reactor by the CSTR model at 75% conversion assuming a stoichiometric feed. Solution: Basis 100 mol/hr of A.

	(a)
	In
	Out
	yOut
	pOut

	A
	100
	25
	0.111
	0.333

	B
	200
	50
	0.222
	0.667

	C
	0
	75
	0.333
	1.000

	D
	0
	75
	0.333
	1.000

	
	
	225
	
	


(b) Estimate the partial pressures of the components in the reactor by the CSTR model at 75% conversion assuming an equimolar feed.

Solution:  we must decide the component (A or B) to which the 75% refers.  This was not important in part (a) because they were both the same.  If 75 moles of A reacted that would mean 150 moles of B reacted.  BUT we only have 100 moles of B in an equimolar feed!  Therefore B is the limiting reagant and conversion must be specified with respect to B.  

	(b)
	In
	Out
	yOut
	pOut

	A
	100
	62.5
	0.385
	1.154

	B
	100
	25
	0.154
	0.462

	C
	0
	37.5
	0.231
	0.692

	D
	0
	37.5
	0.231
	0.692

	
	
	162.5
	
	


Rate expressions must be evaluated very carefully because it is easy to make a slight mistake that causes your rate and consequent reactor volume to be wrong by an order of magnitude or more.  Computer programs are no substitute for careful human intelligence because they require the units and constants to be entered just as reliably as a hand calculator does.  Remember the Mars Voyager, Bhopal, ...  

1.6.4 Example.  Langmuir-Hinshelwood Rate Calculation for Solid Catalyst

Catalytic reactions are generally performed in packed beds with the rate expressed in terms of kg catalyst.  Suppose 725 kmol/hr of acetaldehyde is to be produced by ethanol dehydrogenation at 550K and 1.5 bars.  The reaction rate in kmol/kgcat-hr can be represented by: (Peloso et al., Can. J. Chem. Eng., 57:159, 1979)

[image: image22.wmf]1.534(0.55*)

(18.310.4)

EAH

E

EH

PPP

r

PP

-

-=

++


PE , PA, and PH are the partial pressure of ethanol, acetaldehyde, and hydrogen, respectively, in bars.
(a)  Write a balanced stoichiometric equation for this reaction.

(b)  Estimate the mass of catalyst (kg) to obtain 20% conversion. 

(b)  Estimate the volume of the reactor (m3) to obtain 20% conversion. 

Solution:  (a) The reaction is C2H5OH = C2H4O + H2

(b) Ethanol is the limiting reagent by default.  
To achieve 725 kmol/hr of acetaldehyde, we need 725/0.20 ethanol feed ( 3625 mole ethanol feed.

	Comp
	In
	Out
	Yi
	Pi

	Ethanol
	3625
	2900
	0.667
	1.000

	C2H4O
	0
	725
	0.167
	0.250

	H2
	0
	725
	0.167
	0.250

	
	
	4350
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V = FA(*X/-rExit = 3625*0.2/0.1245 = 5824 kgCat

(c) How can we convert from kgCat to volume?  This requires knowing the density of the catalyst in the reactor.  Catalyst is usually provided in the form of porous pellets to facilitate diffusion into the pellet, enhancing reactive surface area.  Then we must be concerned with the packing of these porous pellets to fill the reactor volume.  It is reasonable to assume 2g/cm3 for the porous pellets and 50% packing fraction for the pellets in the bed ( 1g/cm3 for the overall density of catalyst.  There can be some variations from these assumptions in specific situations, but we can assume 1g/cm3 as a default estimate.  Therefore 5824kgCat = 5.8E6cm3 = 5.8m3.

Homework

1. Create a CcFlowsheet for physical property estimation as described in Section 1.1.  Set the feed rates of chlorobenzene to 3555 kg/hr and ethanol to 2222 kg at 2 bars and 0.5 vapor fraction.  Run all.  
(a) For the liquid part of the feed stream, report the heat capacity (kJ/kg-K), the viscosity (kg/m-sec), the thermal conductivity (W/m-K), and the density (kg/m3).  
(b) Edit the streams of the flash to determine the mole fractions of the components in vapor and liquid and their K-values.  (FYI: Ki = yi/xi where yi is the vapor mole fraction and xi is the liquid.)  

2. Two hydrocarbon streams are to pass through a cross-flow heat exchanger.  The first is 150,000 kg/hr of pure n-hexadecane being warmed from 20(C to 57(C.  The second is 129,000 kg/hr of a stream of 33 wt% n-dotriacontane and 67% tetraphenylethylene entering at 146(C.  The tubing is 0.05m ID and 0.06m OD.  Estimate the heat transfer coefficients of each fluid (treating the mixed stream on the shell side). Assume a tube-side velocity of 1 m/s.  Assuming 8 passes, how many tubes would be required to match this velocity?  The physical properties are given below:

	Compo.
	-g/cc
	-cP
	Cp-J/g-K
	k-W/m-K
	Tref

	nC16
	0.76
	2.3
	2.3
	0.137
	40

	Mix
	1.01
	5.9
	2.1
	0.142
	123


	3. A vertical tube-two-pass heater is used for heating n-hexadecane.  Saturated steam at 11 bars is used as the heating medium.  The tubes are 2.5 cm OD.  20,000 kg/hr of hexadecane enters tubeside at 20(C and leaves at 75(C.  The velocity of the oil in the tubes should be approximately 1.3 m/s.  Neglecting wall resistance, estimate the length of the heat exchanger.  Also, copy these (, Cp, (, ( values for this “medium-pressure steam” heat transfer coefficient to a convenient location on p197 of your text.

-g/cc
	D-cm
	-cP
	Cp-J/g-K
	(-W/m-K
	-J/g
	T-K

	0.75
	2.5
	2.0
	2.3
	0.136
	
	

	0.88
	2.5
	0.144
	4.4
	0.675
	2022
	


4. Steam at 6 bars is used to boil 5000 kg/h of chlorobenzene at atmospheric pressure.  Assuming condensation heat transfer represents 50% of the heat transfer resistance, estimate the area required.  Also, copy these (, Cp, (, ( values for this “low-pressure steam” heat transfer coefficient to a convenient location on p197 of your text. 

	-g/cc
	D-cm
	-cP
	Cp-J/g-K
	(-W/m-K
	-J/g
	T-K

	0.908
	2.5
	0.169
	4.4
	0.684
	2086
	


5. Steam at 11 bars is used to heat the reboiler of the acetone-acid splitter column at 1 bar.  Its duty is 3500 MJ/hr.  The heuristic value for the reboiler’s overall heat transfer coefficient is 1140 W/m2-K.  Estimate the area requirement for the reboiler (m2).


6. The horizontal tube two-pass condenser for an acetone-acetic acid distillation column at 1 bar has a duty of –1957 MJ/hr.  Tube side cooling water is available at 30(C with allowed temperature rise of 15(C.  The 50 tubes are 1.9 cm OD, 1.6 cm ID.  
A) Estimate the shell-side heat transfer coefficient (W/m2-K).
B) Estimate the tube-side heat transfer coefficient (W/m2-K).
C) Neglecting wall and fouling resistances, estimate the overall heat transfer coefficient (W/m2-K).
D) Estimate the area requirement for the condenser (m2).


7. Steam at 11 bars is used to heat the reboiler of the acetone-acid splitter column at 1 bar.  Its duty is 3500 MJ/hr.  The heuristic value for the reboiler’s overall heat transfer coefficient is 1140 W/m2-K.
(a) Estimate the area requirement for the reboiler (m2).(10)
(b) Estimate the equipment cost of the reboiler.(5)
(c) Estimate the module cost of the reboiler.(5)


8. The following mixture is to be split between 1-butene and trans-butene at 1 bar.  Use the SH thermo model
(a) Estimate the ideal number of stages and required reflux ratio to obtain 0.99 and 0.01 splits.
(b) Estimate the diameter of the column.(m)(10)
(c) Assuming 50% efficiency for each stage, estimate the equipment cost of the trays(k$).(5)
(d) Assuming 50% efficiency for each stage, estimate the equipment cost of the shell(k$).(5)

	Comp.
	Tb(C
	mFlow-kmol/hr
	Tc(K)
	Pc(MPa)
	w

	Isobutene
	-7.6
	52
	417.9
	4.00
	0.189

	1-butene
	-6.5
	11
	419.6
	4.02
	0.187

	Trans-butene
	0.5
	23
	428.7
	3.98
	0.219

	Cis-butene
	3.3
	14
	435.3
	4.20
	0.202


9. 31 kg/hr of TriChloroEthylene (TCE) in 316,000 kg/hr of water is to be stripped using 1361 kg/hr of air.  You may represent air as 79% N2 and 21%O2.  Adapt the Kremser approximation to design a tray column for this application.  Use the SSCED thermo model with kij = 0.
(a)  How many trays are required to reduce the TCE in water to 10 ppb (10E-9 mass fraction)?
(b)  What are the values of the absorption and stripping factors?  A = _______,  S = __________.
(c)  What are the estimated values of the TCE and air mass flows (kg/hr) in the water outlet stream?

10. An absorber is to remove the 1,2dichloroethane from the following vapor stream at 5 bars and 59(C. 

	Comp.
	vapFlow-kmol/hr
	liqFlow-kmol/hr
	Tb(C
	VP(-27(C)

MPa
	VP(24(C)

MPa
	VP(59(C)

MPa
	VP(144(C)

MPa

	Ethylene
	0
	
	-104
	2.111
	6.794
	12.145
	33.325

	HCl
	718
	
	-85
	1.200
	4.807
	9.580
	31.754

	Chlorine
	
	
	-34
	0.148
	0.791
	1.822
	7.757

	Vinyl Chloride
	734
	
	-14
	0.086
	0.500
	1.199
	5.490

	DichloroEthane
	145
	
	83
	0.001
	0.012
	0.046
	0.500

	Acetic Acid
	
	???
	100
	NA
	
	
	


(a) Estimate the K-value of dichloroethane assuming the ideal solution model.

(b) Estimate the K-value of dichloroethane assuming the SH model. 

(c) Estimate the temperature at which pure dichloroethane boils when the pressure is 5 bars.

(d) Estimate the heat of vaporization of dichloroethane at 5 bars.

11. CO2 is formed in a side reaction during vinyl acetate synthesis.  The side reaction is combustion of ethylene.

Write a balanced stoichiometric equation for this combustion reaction. 

12. In this problem, we model the acetic anhydride process given in the 1958 AIChE Student Design Contest Problem. The pyrolysis reactor converts acetone to ketene (the desired product) with the undesired byproduct of carbon monoxide and ethylene resulting from decomposition of ketene (Fogler 2ed, p. 409).
CH3(C=O)CH3 ( ketene + CH4 

-rA = 7.89e12 exp(-26600/T(K)) * PA 1.5 [=] gmoles/m3-s
2 ketene            ( 2CO   +   C2H4


-rK = ?? * PK
where Pi is the partial pressure of the ith component in bars.
In the hand calculation stage of the design, we may ignore byproducts and focus on the 15% conversion of acetone at 600(C and 7 bars.  
(a) Assuming a simple CSTR model, estimate the volume (m3) of the reactor required for a feed of 360 kmol/hr acetone. to obtain 15% conversion.(10)
(b) Estimate the equipment cost of this reactor.(5)
(c) Estimate the Module cost of this reactor.(5)
13. In this problem, we will model the acetic anhydride process given in the 1958 AIChE Student Design Contest Problem.  We will build this plant piece by piece and learn how to use hand calculations to quickly analyze a flowsheet.  We will start with the purification steps, then go to the reactions and the reactors. 

(a) The feed to the anhydride column consists of 56, 61, 6.22 kmol/hr of Acetone, Acetic Acid, and Acetic Anhydride respectively.  Using ChemCAD/SH for physical properties, estimate the relative volatility of acid to anhydride at top and bottom, the number of stages, reflux ratio, and diameter of the column assuming 99 and 1 splits on the acid and anhydride.  

(b) The feed to the acetone recovery column consists of 62 and 97 kmol/hr of Acetone and Acetic Acid respectively.  Using ChemCAD/UNIFAC for physical properties, estimate the relative volatility of acetone to acid at top and bottom, the number of stages, reflux ratio, and diameter of the column assuming 99 and 1 splits on the acetone and acid.

(c) The pyrolysis reactor converts acetone to ketene (the desired product) with the undesired byproduct of carbon monoxide and ethylene resulting from decomposition of ketene (Fogler 2ed, p. 409). 
CH3(C=O)CH3 ( CH2=C=O + CH4 

-rA = 7.89e12 exp(-26600/T(K)) * PA 1.5 [=] gmoles/m3-s
2 CH2=C=O      ( 2CO   +   C2H4


-rK = ?? * PK
    “ketene”
where Pi is the partial pressure of the ith  component.
In the hand calculation stage of the design, we may ignore byproducts and focus on the 10% conversion of acetone at 600(C and 7 bars.  Assuming a simple CSTR model, estimate the volume of the reactor required for a feed of 68 kmol/hr acetone.

14. 28 kmol/hr of ~pure 2-butanol is to be dehydrogenated to MethylEthylKetone (MEK) + H2 at 400(C and 4 bars.  The reaction can be represented by:
-rA = 0.465 CA gmoles/m3-s
CA is the concentration of 2-butanol in gmoles/m3.
(a) Write a balanced stoichiometric equation for this reaction.
(b) Estimate the size of the reactor (m3) to obtain 90% conversion.

15. We are designing a distillation column to separate a feed of 200 kg/h iso-pentane, 200 kg/h n-pentane, and 100 kg/h n-hexane.  The feed will be a saturated liquid at 3.1 bar and we will use a design pressure of 3.1 bar for the column.  The column will be designed using a total condenser.  The light key in the separation is iso-pentane with an LKSplit value of 0.95.The heavy key is n-pentane with an HKSplit value of 0.05.  

(a) Estimate the operating temperatures of the reboiler and condenser.

(b) Estimate the average overall relative volatility of light key to heavy key using the ideal solution model.

(c) Estimate the activity coefficients of each component at the top and bottom of the distillation column by the SH model.

16. Assuming a value of (1=8, create a table of (2 that yield binary azeotropes according to the SH model assuming equal volumes of 30 cm3/mol and 373K.  Values of vapor pressure (VP) ratios are listed below.  For each value of VP ratio try different values of (( until an azeotrope is indicated.  For the combination of hydrocarbons with alcohols, what value of VP ratio must be exceeded in order to avoid an azeotrope?  

	P2/P1
	1.1
	1.3
	1.5
	1.8
	2
	2.5
	3

	((AZ
	
	
	
	
	
	
	


17. Benzene, toluene, and o-xylene are to be separated in a process involving two distillation columns.  The first column has 20 trays, feeding tray 10, with the top and bottom mole fraction of xylene specified at 0.0001 and 0.999 respectively.  The second column also has 20 trays feeding tray 10, with top mole fraction of 0.999 benzene and bottom mole fraction of 0.999 toluene.  The feed to the process is 454 kg/hr of each component at 65(C and 1 bar.  

(a)  What are the reflux ratios computed for each column?  _______ col 1,  _______ col 2.
(b)  What heat duty is required for each condenser?  _______ MJ/hr col 1,  _______ MJ/hr col 2.
(c)  What heat duty is required for each reboiler?  _______ MJ/hr col 1,  _______ MJ/hr col 2.
(d)  Use the rule-of-thumb values to estimate the area required and purchase cost of the reboilers and condensers.  Assume the log-mean-temperature-difference is given by the simple difference between the process stream and the utility stream.  Cooling water is available at 30(C and steam is available at 11 bar.
col 1: condenser: _______ m2, _______ k$; reboiler: _______ m2, _______ k$;  
col 2: condenser: _______ m2, _______ k$; reboiler: _______ m2, _______ k$;  
2 Introduction to Flowsheet Specification

2.1 Outline of the “Condensate Stabilizer” Problem

The problem to be solved in this tutorial is illustrated below.  It is a condensate stabilizer plant typical of many such skid-mounted units that are found in the oil patch.  We are picking up well-head gas downstream of the dehydration units and the sweetening system.  Stream 1 enters our system at the conditions shown and it is our job to take an existing unit and decide upon its new operating conditions and any necessary modifications. The design requirements are as follows:

1. The cricondentherm dew point of the product gas must be -4(C or less.  In other words, the highest dew point of the product gas mixture can ever achieve must be -4(C or less.

2. The stabilized condensate (stream 9) must have a maximum propane content of 1mole%.

3. Heat exchanger #2 (unit 3) is cooled by a small refrigeration system which uses propane as the refrigerant and delivers cooling isothermally at –20 (C.

4. Steam is available at 11 bars with a reboiler.

5. Stabilizing uses 12 valve trays with Feed stage 1, bottom=10 kmol/hr; Pdrop=0.34 bar.

6. The feed is at 25(C and 13.8 bars with the following flows in kg per hr:
N2:1271, C1:32783;  C2:7011;  C3:4280;  iC4:501;  nC4: 475;  iC5:655;  nC5:458;  nC6:547
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2.2 Flowsheet

1. Format, ( Eng Units, ( Alt SI ( Save Default ( Save Profile.  OK.

2. Toggle palette with the view/palette checkbox. Left click Feed, move cursor near the left of screen (click).  
3. Click the Heat Exchangers sub-menu.  Hover over the default icon then click the lower right corner to generate the sub-Palette.  Left click the cross-flow heat exchanger (cf. Diagram) and move ~1 inch to right of the feed.

4. Left click the utility heat exchanger and position.

5. Left click Flash and position.

6. Left click Valve and position. Change the orientation by right-clicking and select “rotate 90 counter clockwise.”
7. Left click Separators/SCDS Column and position. (This is the one with no condenser.)

8. Left click Product and position as top product stream

9. Repeat twice more for the other product streams.

10. Right click the valve icon and select “Flip Y axis.”

11. Left click the Link icon.  It looks like an “L,” just to right of the “ab” icon.

12. Position the cursor near the point of the feed arrow, note how the mouse pointer changes shape when you get to the right point, click.  Position to HX unit (unit 1) inlet, click, position to HX1 right outlet (click), position to HX2 inlet (click), etc., till you connect the flow sheet together.  Right click when done.  (Note: you can “pin” the corner of a stream by left-clicking while making a connection, e.g. for flash stream back to first heat exchanger.  Also after streams are completed you can click on a unit and move it to make the streamlines straight.)

2.3 Component Specification

1. ThermoPhysical ( Component List ( nitrogen (double click), methane (double click), ethane, propane, i-butane, n-butane, i-pentane, n-pentane, n-hexane.

2. If you messed up, use the menu at bottom left of screen.  When done, OK.

2.4 Thermo [primarily for K-values]

1. ThermoPhysical ( K-Values ( pull down arrow ( Peng-Robinson. (immiscible).

2.5 Streams

1. Right click the square box, indicating stream 1 (feed).

2. Type: 25 (C and 13.8 bars.  Also type in kg/hr: nitrogen: 1271, methane: 32783, ethane: 7011, propane: 4280, i-butane: 501, n-butane: 475, i-pentane: 655, n-pentane: 458, n-hexane: 547.

2.6 Equipment

1. Click HX (unit 1), Presure Drop: Stream 1 = 0.34 bars, Stream 4 = 0.34, VF out Str 2 = 0.9999 (specify stream out 1 @ dew point => V/F = 0.9999), OK.

2. Move to unit 2(Hx): Pressure Drop = 0.34, Temp Out Str 3 = -20. (Note: T=-20 determines V/F for flash unit 3).

3. Note:  the flash is a VL separator so it needs no extra specification;  the defaults apply, so skip it.

4. Click the valve, Pressure Out = 8.6, OK.

5. Move to SCDS column.  General: Top Pressure = 8.6, Colm pres drop = 0.34, No of Stages = 12, 1st Feed Stage = 1.  Leave the rest as default values.

6. Continuing SCDS Column, Specifications: Set Reboiler Mode ( Bottom mole flowrate, click, go to box to right and type 11.

7. Continuing SCDS Column, Convergence:T top = 10, Tbot = 88. (note: other pages for costing) (OK).

8. “Warning… Ignore ?” ( Yes (ie. Ignore).

2.7 Running

1. Run Steady State ( Run All ( “Ignore?” ( Y ( “converged”.  Note that the upper left stream is colored red. This indicates a “tear stream.”  Tear streams and sequential modular simulation are discussed on p 482 of Turton et al.

2.8 Viewing Results

1. Plot ( Envelopes ( click on bottom-most stream, say OK, when Phase Envelope Options appears say OK and wait.  This should display a Word Pad window of the relevant data.  You can copy and paste the Word Pad data, or save the file, just like any other text file.  On the middle tab is a lovely plot of P(bar) vs. T(C).

2. Position the cursor @ 65 bar, -12 (C and drag to 35 bars, -4 (C (release).  Note that the cricondentherm dew point is –7 C.  File ( print preview shows how the graph would appear if you wanted to print it. Note: we can vary the cricondentherm dew point to spec by changing the outlet T on HX unit 2.  

3. Close the plot by clicking the 2nd X from the top right side.

4. Position to dist. bottoms and double click.  Pull down the stream units arrow and select mole fraction.  (Note: ~ 6.6% propane.  Does not satisfy 1 mole% spec in problem statement.  We will fix this in the following steps)

5. Click the SCDS column, Page 2 ( reboiler mode ( bottom component mole fraction, box to right ( 0.01, next box to right ( click on arrow, go down to propane and then OK. Ignore Warnings ( Yes.

6. Run steady state ( run selected unit ( click SCDS column.  Now look at the outlet from the reboiler ( 0.01 propane mole fraction.

7. Click HX (unit 2) Temp out = -17 (C, OK.

8. Run ( Run all.  Check the phase envelopes again.

9. Note how tower streams have changed in flow and composition.

2.9 Reporting

Note that a handy trick is to paste the flowsheet into a word document (as above).  This can be accomplished by selecting Edit ( “Copy flowsheet to clipboard” then entering the word file and selecting Edit ( Paste.  Just before performing this operation, be sure to “size to fit.”  The report feature of ChemCAD is handy for printing out all your stream and unit operation data at once.  The description below is just to get you started.  You need to tinker till you find the combination that is most informative and aesthetically pleasing.

1. Report ( Consolidated Report.

2. Report Format ( Excel, FlowDigits=2, FractionDigits = 6

3. Stream Properties ( clear all the check boxes, then check for overall: mole flow rate, mass flow rate, temperature, pressure, mole vapor frac, composition option: mole flow rate. OK.  

4. An xls file will be created.  Save it in your personal directory under a name you can remember.  Cut and paste the streams into columns like in the textbook.

5. Palette ( T ( position to right of SCDS and type F/Ns=1/12<enter>, xB (C3) = 0.01.  Position above each feed and product and type in the total kg/hr.

6. Format ( Add TP box.  Include T, P, W for input, output, recycle and other key streams.  

7. Print preview does not seem to work, so you should use the Edit(Copy to Clipboard feature to print your PFD.
8. Note:  the help menu can be searched by pressing the binoculars tab.

2.10 A Brief Introduction to Two Simple Unit Operation Models

Shortcut design models will be covered in greater depth in Chapter 4, but a much greater breadth of flowsheet variety can be addressed by briefly introducing two simple models right now.  The vast majority of flowsheets include at least one reactor and one distillation column. The simplest model of a reactor is the stoichiometric model.  If you can write a balanced stoichiometric reaction equation, you can easily run the stoichiometric reactor model.  Since very few reactions lead to a single pure product with no impurities, most processes require at least one separation downstream from the reactor.  At present, ~80% of separations are performed by distillation.  The shortcut column (Fenske-Underwood-Gilliland method) is even easier to apply with ChemCAD than with a hand calculator. 

2.10.1 An Ultrasimplified Dimethyl Ether Process

1. From the ChemCAD startup menu, create a new job named Dme08a.  Insert the operations depicted below, where the stoichiometric reactor icon has been selected from the stoichiometric sub-palette icons.  

2. Select the following components: methanol, dimethyl ether, water.  Select the UNIFAC thermo model.  Set the flow rate of the feed to 100 kmol/hr of pure methanol at 370(C.

3. Double click the stoichiometric reactor.  The reaction is 2MeOH = CH3OCH3 + H2O.  Identify MeOH as the key component, and 0.5 as the conversion, with {-2, 1, 1} as the stoichiometric coefficients for each component in turn.  Note: you could also specify {-1, 0.5, 0.5} and get the same results.  Set the temperature to 370 C and the pressure to 15 bars. 

	4. Set the outlet of the heat exchanger to 75(C.  

5. Change the shortcut column to design mode with FUG/Fenske as the specific model.  Set the light key to DME with a split of 0.99 and the heavy key to methanol with a split of 0.01.  Set R/Rmin to 1.3.  

6. Run all.  Check that the DME distillate is ~25 kmol/hr of DME at its boiling temperature.  Check that the distillation bottoms are ~50kmol/hr methanol and ~25kmol/hr of water.  The reactor should require roughly –375MJ/hr of heat removal.  

7. Get started on the homework problem below.
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2.11 Homework

1. Build a flowsheet named Dme1b for the dimethyl ether (DME) process in Appendix B.1.  Use the stoichiometric model for the reactor and short-cut distillation models in design mode for the columns.  Assume splits of 99% for light key and 1% for heavy key components with R/Rmin=1.3.  Taking only the feed and unit op conversions and splits as given, converge the flowsheet. Choose the UNIFAC thermo model. (Hint: it is a good idea to run each unitop individually and check that the stream flows make sense before pushing “run all.”)
(a) Report the heat duty of the isothermal reactor at 370(C and 15 bars and the duties of E-201 and E-203.  What values for these duties can you infer from the information given in the text?  Explain discrepancies.  Note that you need to iterate on the E-203 outlet such that the entering temperature for the DME recovery column is 75 C.  The pressure drop from 15 to 10 bars generates a small but significant Joule-Thomson cooling effect.
(b) Report the reflux ratio, number of stages, feed stage, condenser duty, reboiler duty, (MJ/hr) for the DME recovery column. Compare these to the values in the text where possible and estimate the column efficiency you infer. Explain any discrepancies.
(c) Report the reflux ratio, number of stages, feed stage, condenser duty, reboiler duty, (MJ/hr) for the methanol/water recovery column. Compare these to the values in the text where possible and estimate the column efficiency you infer. Explain any discrepancies.

[image: image26.emf]2


3


8


9


10


11


12


131 kmol/hr DME


99% recovery


131 kmol/hr H2O


99%recovery


370 C, 15 bars


75 C


10 bars


7.4 bars


25 C, 16 bars


99% Rec. MeOH


 64 kmol/hr MeOH


131 DME


131 H2O


4


1


1


MeOH Recycle 64 kmol/hr


E-201


E-202


E-203


R-201


7


7


6


5


4


3


8


9


10


11


12


13


15


16


281 C




2

3

8

9

10

11

12

131 kmol/hr DME

99% recovery

131 kmol/hr H2O

99%recovery

370 C, 15 bars

75 C

10 bars

7.4 bars

25 C, 16 bars

99% Rec. MeOH

 64 kmol/hr MeOH

131 DME

131 H2O

4

1

1

MeOH Recycle 64 kmol/hr

E-201

E-202

E-203

R-201

7

7

6

5

4 3

8

9

10

11 12

13

15

16

281 C



3 Introduction to Equipment Sizing and Costing Using ChemCAD

After the simulation is operational, you will want to complete the sizing and costing of the process.  To demonstrate equipment sizing and costing we will use the above flowsheet completed for the condensate stabilizer problem.  So, in ChemCAD load the job describing condensate stabilizer.  Tools ( Costing ( Edit Cost Index ( Set to January, 1996 to have a standard for the discussion below.  In simulate flowsheet mode:

3.1 Distillation shells and trays

Edit the SCDS column and turn the cost estimation flag ON.

Click on the SCDS column then:  Sizing ( Trays ( Accept Tray Type as Valve Tray, OK ( Then the results of equipment sizing for SCDS column appear, note the column diameter  (0.305 m) and tray spacing.  Note that the column diameter may change from the top to the bottom of the column.  You must page through the entire tray report to find the largest diameter for costing.  Occasionally, ChemCAD will type a number automatically into this slot.  Ignore it.  Also note the estimated "column thickness" and "bottom thickness."  These values are sometimes computed incorrectly, especially for low-pressure columns, causing the cost estimation to fail.  If this happens, you must manually type in a value for the design pressure (use default of 2 bars) during the tray sizing.  If you still get zero for the thickness, enter values on the cost estimation portion of the SCDS column.  We will use the values of 0.005 m for top and bottom thickness as defaults.  Note that you must re-enter these values every time you run the sizing routine if the error occurs.  Make sure the SCDS column is still highlighted then Tools ( Costing ( Select Equipment ( Purchase Cost of SCDS Column was calculated to be ~31k$.

(Costing flashes and compressors is very similar.)

3.2 Heat Exchanger Sizing 

One of the major sizing chores is the heat exchangers, because there are generally many.  To do it right, you need to estimate the heat transfer coefficients as functions of composition and velocity and optimize the surface areas of the heat exchangers based on their heat curves.  That would be extremely tedious to do by hand because you need to guess the size of the tubes, then the number of tubes, then the flow rate through the tubes, then the Reynolds number, then the heat transfer coefficient, then compute the pressure drop,  then … etc.  The CCTHERM package makes it much easier.  To illustrate, let’s return to the “condensate stabilizer” flowsheet with which we started the tutorial.  If you do not subscribe to a copy of the CCTHERM package, the heuristic heat transfer coefficient values (W/m2-C) are: reboiler, 1140; water to liquid, 850; condensers, 850; liquid to liquid, 280; liquid to gas, 60; gas to gas, 30.  Whether you subscribe to CCTHERM or not, you can use these approximate values to compare with the values presented below from CCTHERM to develop a sense of how the heat transfer coefficients vary with process nature and heat exchanger type.  

3.2.1 Sizing Cross-flow heat exchangers

Before you can size the heat exchangers, you generally need to specify the heat transfer fluid, which is usually water (aka. Steam).  For this particular flowsheet, we have not included water in the component list.  So we must first add water to the component list.  Run All to get a fresh solution with water in the component list.  

1. Click on the cross-flow heat exchanger.

2. Sizing ( heat exchanger ( shell and tube.  This will start CCTHERM.  

3. Click on the feed stream (1) as the Select stream.  The cutting method menu will come up.  Save the defaults and this automatically brings up the heat curve.  If there is no mistake, you should have at least about a 10(C temperature difference.

4. OK the heat curve and the General Information menu will appear.  Note that the program automatically senses the nature of the heat exchanger in the flowsheet (Sensible Flow for tube and shell in this case).  Be sure to set the calculation mode to DESIGN (i.e. NOT Rating).  OK.

5. Accept the default number of tubes as an initial guess. OK. OK the defaults for all the remaining screens.  If you get some warnings (e.g. baffles), just continue.
6. Calculate Results.  Then “View Results” ( “Summary Data.”  Note the “Del P (S/T) ~ ___/___.”  That means the pressure drop on the shell side is ___ bars.  You can impact this if necessary by exiting and opening the Exchanger Geometry ( Nozzles.  E.g. Set the nozzle inlet diameters for both tube and shell to be 0.2032 m.  But this value of ___ is acceptable, so we do not need to worry about this for now.  
7. View Results ( Summary Data.  Write down the overall heat transfer coefficient (calc./service) (____/____ W/m2-K), the COR LMTD (___), the area required (____ m2), the heat spec.(____), and the del P (S/T) (____/____).  Note that the ____ value for the heat transfer coefficient compares to the value of 30 by the general rule of thumb since both streams enter and leave with vapor fraction of unity. You will need these for costing the exchanger and reporting in your design summary.  Note that the number of tubes has changed to ____.  Check your Thermodynamics: K: Peng-Robinson, H: Peng-Robinson.  

8. Exit and return to ChemCAD

3.2.2 Sizing Utility heat exchangers

1. Go to Sizing and select shell and tube.  This will start CCTHERM.  

2. Click on the single inlet & outlet heat exchanger (unit 2).

3. We will use boiling propane as the utility stream component, so you don’t need to add any extra components to represent the utility stream.  Specify the utility inlet stream data at –29C and a vapor fraction of 0.0001.  Set the initial guess for flow of propane to 111 kg/hr.  OK.

4. Accept the process stream as the tube side.  Set the outlet utility stream to a V/F of 0.6.  OK.  The computed flow of propane will display (____ kg/hr).  

5. The cutting method menu will come up.  Accept the defaults and this automatically brings up the heat curve.  If there is no mistake, you should have at least about a 10(C temperature difference.

6. OK the heat curve and the general menu will appear.  Note that the program automatically senses the nature of the heat exchanger in the flowsheet.  Be sure to set the calculation mode to DESIGN (i.e. NOT Rating).  

7. Accept the number of tubes as 1767 for an initial guess.  Accept the rest of the default screens.

8. Highlight “Calculate” and wait while the calculations are performed.

9. Highlight “View Results” and “Summary Data.”  Write down the overall heat transfer coefficient (calc./service) (____/____ W/m2-K), the COR LMTD (____), the area required (____ m2), the heat spec.(____), and the del P (S/T) (0.____/____). Note that the ____ value for the heat transfer coefficient compares to the value of 850 by the general rule of thumb since one side is going through phase change.  (The other side goes from 100 to 99.5% vapor, so the condensation is negligible.)  The difference in this case is smaller, and well within the accuracy that you can expect for such a general rule of thumb.  You will need these for costing the exchanger.  Note that the number of tubes has changed to ____.

10. Exit and return to ChemCAD.  

3.2.3 Distillation Columns – Sizing condensers and reboilers

1. Add water as a component to the flowsheet.  This is necessary if we want to use steam to heat the reboiler.  Be sure to “Run All” before starting CCTherm.

2. Select Sizing ( shell&tube and highlight the SCDS column.  Select “reboiler.”  

3. Set the process stream as tube side.

4. Specify the utility stream as 1111 kg/hr of water, entering at 11 bars and V/F=0.9999.

5. Set the outlet utility stream to V/F=0.0001.  OK ( 134 kg/hr of steam.  Be sure to set the calculation mode to DESIGN.  OK and OK the remaining defaults.

6. Calculate and wait while the calculations are performed.

7. View Results ( Summary Data.  Write down the overall heat transfer coefficient (calc/service) (____/____ W/m2-K), the COR LMTD (___), the area required (____ m2), the heat spec.(____), and Del P(S/T) (0.____/____), You will need these for costing the exchanger. Note that the ____ value for the heat transfer coefficient compares to the value of 1140 by the rule of thumb since both sides are going through phase change. Note that the number of tubes is ____.

8. Exit and return to ChemCAD.

3.3 Costing Heat Exchangers

1. From the ChemCAD menu, click on the heat exchangers and distillation column in turn and check to run the costing report.  Input the heat transfer area for the reboiler and the utility heat exchanger.  For the cross-flow heat exchanger, input ONLY THE AREA REQ’D, on page 1.  “Run all” to update the status of the flowsheet.

2. Select Utility (Costing) then click on the heat exchangers and distillation column in turn.  Note the purchase prices (____,____,____ k$ for cross-flow, utility, and reboiler respectively).

3.4 Rating Heat Exchangers

Sometimes you are given specifications for, say, the tube diameter or number of tubes of a heat exchanger

and must conform to these while allowing other properties to vary.  To set a given value and be certain that it remains set, you must enter the rating mode of CcTherm.  This is the value we first changed when designing the heat exchanger.  Now that the exchanger has been run in design mode, many values have been computed and stored.  By switching back to rating mode, we can set the specs that are required while accepting all the other computed values as given in the design calculation.  

1.  For the utility heat exchanger, enter the General Specifications sheet and change the mode back from design to rating.  OK

2.  In the exchanger geometry sheet, select tube data and change the tube diameter to 0.025 m.  Note that the pitch value may need to be changed as well.  OK.

3.  Calculate and view summary results to see how the tube-side velocity and area have changed.  Re-enter the tube data sheet and reduce the number of tubes by half.  What happens to the tube-side velocity and area then?

5.  Double the number of passes.  What happens to the velocity and area in that case?  Note: # tubes ( # holes in  the tube sheet.  So 2-passes with only 16 holes means only 8 separate tubes.

3.5 Homework

1.  Two hydrocarbon streams are to pass through a cross-flow heat exchanger.  The first is 150,000 kg/hr of pure n-hexadecane being warmed from 20(C to 57(C.  The second is 129,000 kg/hr of a stream of 33 wt% n-dotriacontane and 67% tetraphenylethylene entering at 146(C.  Assuming the tubing is 0.05m ID and 0.06m OD estimate the heat transfer coefficients of each fluid by hand and compare them to the values estimated by CCTherm for this heat exchanger (treating the mixed stream on the shell side).  What percentage of the overall resistance to heat transfer is attributable to shell, tube, and wall according to CCTherm?  Assuming the wall resistance is the same as that given by CCTherm, how do these percentages change when you use your hand-calculated heat transfer coefficients? Assume UNIFAC thermo and 1 m/s ts velocity. The physical properties are given below:

	-g/cc
	D-cm
	-cP
	Cp-J/g-K
	k-W/m-K
	Tref

	0.76
	
	2.3
	2.3
	0.137
	40

	1.01
	
	5.9
	2.1
	0.142
	123


2. A vertical tube-two-pass heater is used for heating n-hexadecane.  Saturated steam at 11 bars is used as the heating medium. 20,000 kg/hr of hexadecane enters tubeside at 20(C and leaves at 75(C. Compare your heat transfer coefficients from hand calculations to those of CCTherm.
	-g/cc
	-cP
	Cp-J/g-K
	k-W/m-K
	W-cP
	-J/g
	T-K

	0.75
	2.0
	2.3
	0.136
	1.0
	
	

	0.88
	0.144
	4.4
	0.675
	0.144
	2000
	


3. Steam at 11 bars is used to boil 5000 kg/h of chlorobenzene at atmospheric pressure.  Assuming condensation heat transfer represents 50% of the heat transfer resistance, estimate the area required by a hand calculation.  Compare your heat transfer coefficients and area requirements from hand calculations to those of CCTherm.

	-g/cc
	-cP
	Cp-J/g-K
	k-W/m-K
	W-cP
	-J/g
	T-K

	0.88
	0.144
	4.4
	0.675
	0.144
	2000
	


4. The horizontal tube two-pass condenser for an acetone-acetic acid splitter at 1 bar has a duty of –1957 MJ/hr.  Tube side cooling water is available at 30(C with allowed temperature rise of 15(C.  The 50 tubes are 1.9 cm OD, 1.6 cm ID.  Use ChemCAD with UNIFAC thermo.
A) Estimate the shell-side heat transfer coefficient (W/m2-K).(10)
B) Estimate the tube-side heat transfer coefficient (W/m2-K).(10)
C) Neglecting wall and fouling resistances, estimate the overall heat transfer coefficient (W/m2-K).(10)


5. A certain heat exchanger is to boil a stream with flows in kmol/h of {36.8, 39.2, 55.5, 14.4, 15.6} for {Biphenyl, Diphenylmethane, Fluorene, Phenanthrene, m-Terphenyl} entering tubeside at 0.533 bars and 0.001 vapor fraction and exiting at 0.975 vapor fraction.  The heat transfer fluid is to be 172 kmol/h of saturated vapor tetraglyme at 2 bars condensing to a liquid trap on the tube side. Use ChemCad and assume the Peng-Robinson model for all thermodynamics.
(a) Estimate the following for this heat exchanger assuming the biphenyl stream on the tube side: (10)

	effective area
	area required
	Uo(Calc),
	Uo(serv),
	LMTD

	_____ m2
	_____ m2.
	_____ W/K-m2
	_____ W/K-m2.
	_____ (C.


(b) Report ChemCAD's May 1999 equipment cost and the appropriate module cost for this heat exchanger. (10)

(c) Estimate the following for this heat exchanger assuming the glyme stream on the tube side: (10)

	effective area
	area required
	Uo(Calc),
	Uo(serv),
	LMTD

	_____ m2
	_____ m2.
	_____ W/K-m2
	_____ W/K-m2.
	_____ (C.


(d) Report ChemCAD's May 1999 equipment cost and the appropriate module cost for this heat exchanger. (10)

6. To better understand the effect of compound type on heat transfer, we will design reboilers and heaters for several compounds.  Steam at 10 barg will be the utility in all cases.  The flow on the process side should be 10,000 kg/hr for each compound. For the heaters, heating should be from 5 to 55(C. List the relevant physical properties, the process/tube side heat transfer coefficient, the tube velocity, the pressure drop, and the area requirement for each case.  Briefly explain the reasons behind the variations that you see in the heat transfer coefficients. Assume UNIFAC/Latent heat thermo model.
a) Reboilers:

Water, methanol, ethanol, nButanol, acetic acid, propanoic acid, trifluoro acetic acid, nButyric acid, n-hexane, decane, hexadecane, benzene, perfluorobenzene.

b) Heaters:

Water, methanol, ethanol, nButanol, acetic acid, propanoic acid, trifluoro acetic acid, butyric acid, hexane, decane, benzene, perfluorobenzene, ethane, perfluoroethane.

c) Correlations:

Prepare a plot of h vs. (k3*(2*(/()¼ for the boilers and h vs. (*u*(Cp/k( )⅓ for heaters.  Color the hydrocarbons open and all others solid.  What do you conclude?

4 Material and Energy Balances With Ultrasimplified Unit Operations 

In this section, we focus on material and energy balances using stoichiometric reactors, component separators, and short-cut distillation columns, along with a few simple operations like pumps, compressors, and dividers.  To illustrate, we will simulate the acetic anhydride process given in the 1958 AIChE Student Design Contest Problem.  We will build this plant piece by piece with separate objectives and learn how to use ChemCAD to quickly analyze a flowsheet.  We will start with the reactions and the reactors, then go to the purification steps.  This process is interesting because it involves 4 recycle loops, with two of those being large outer loops that can cause great difficulty with convergence if caution is not applied.  Ultra-simplified unit operations permit us to quickly converge the MEB's without getting bogged down in detailed design until we have an approximate model that is at least near the realm of reality.
4.1 Initial Reaction with Byproducts

The reactor pyrolyzes acetone to ketene (the desired product) with the undesired byproduct of carbon monoxide and ethylene resulting from decomposition of ketene. 

CH3(C=O)CH3 ( CH2=C=O + CH4 
2 CH2=C=O      ( 2CO   +   C2H4

    “ketene”

In the ultrasimplified stage of the design, we do not use rate equations for the reactions but are told that the yield is 88% ketene at 10% conversion of acetone.  Let’s use the “stoichiometric reactor” to model these reactions.  Start by specifying the temperature as 700 (C, and the conversion of acetone as 0.1 (10%).  To characterize the two reactions, we need to write the stoichiometric coefficients such that correct product distribution is obtained from a single reaction equation.  The table below gives the correct results:

	Comp
	Acetone
	Methane
	Ethylene
	CO
	Ketene

	Stoich Coeff
	-1
	1
	0.06
	0.12
	0.88


Note: you should be able to derive these coefficients for yourself.  E.g. for a different reaction/yield on a test.

4.1.1 Flowsheet

1. Format ( Eng Units, ( Alt SI ( Save Default.  Save Profile.  OK.

2. Feed, click, drag cursor near the left of screen, but leave a little space.

3. Stoichiometric Reactor, sub-palette, drag to the middle of the screen, to right of feed, click.

4. Product, drag to the right of the reactor, click.

5. Link ( position near feed arrow (till it points), left click, position to reactor inlet, click, point to product, till you connect the flow sheet together.  Right click when done.

6. File ( Save.  Run Simulation

4.1.2  Component Specification

1. Thermophysical ( Components ( acetone (double click), methane (double click), ethylene (double click), CO (double click), ketene (double click).

2. If you messed up use the menu at bottom of screen.  When done, OK.

4.1.3 Thermo [For K-values, and enthalpy]

1. “Thermo” menu ( K-Values ( pull down arrow (UNIFAC ( Warning: Ethylene and ketene do not have UNIFAC Groups ( OK for now.  We will discuss this in the thermodynamics section.

4.1.4 Streams

1. Right click the square box indicating stream 1 (feed).

2. Type: 25 (C and 11 bar.  Also type in kg/hr: acetone: 4000. If you flash this feed it should give you a vapor fraction of 0. And enthalpy of –17,000MJ/h.

4.1.5 Equipment

1. Click Stoichiometric Reactor ( Page 1: temperature as 700 (C, and the conversion of acetone as 0.1 (10%).  Stoichiometric Coeffs as given in table above.

4.1.6 Running

1. Run Steady State( Run All ( Y ( “run finished.”

4.2 Quench Reactor for Final Product Synthesis

A quench reactor stops the reaction by dropping the temperature quickly.  This is achieved by flushing the hot stream into a high flow of cool recycle from the reactor.  We will model this with a stoichiometric reactor again.  The stoichiometric reactor handles only one reaction and says nothing about size or kinetics.  It basically provides a way of changing stream compositions and that is all.  We can apply this model to the ketene+acid conversion to anhydride.  The reaction that we want to occur here is:

H2C=C=O + CH3COOH ( CH3(C=O)O(C=O)CH3

“ketene”         “acetic acid”      “acetic anhydride”

P= 1 bar; T = 50(C;  key compo = 5 (ketene) Frac conv = ~1.0.  The reaction table looks like:

Stoichiometry

	-1 (ketene)
	-1 (acetic acid)
	1  (anhydride)


Note that you can use the stoichiometric reactor to specify an overall reaction that may include many reactants and products.  This is a way of treating multiple reactions in a simple manner.  There are other reactor models available, but their specifications are very similar to these.

In the flowsheet modifications below we will supplement the acetone pyrolysis reactor with a “quench” reactor to convert the ketene and acid to anhydride.  In a quench reactor, the goal is to recycle the streams with intermediate cooling such that the overall operation of the reactor itself is adiabatic.  The new flowsheet looks like:
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4.2.1 Editing Existing Flowsheet

1. Mixer sub-palette, drag to the right of the pyrolysis reactor, and click. (You may need to flip axes on the available icons.)

2. Stoichiometric Reactor, drag to the middle of the screen, to right of mixer, click.

3. Flash, position below the stoichiometric reactor.
4. Divider, position below the flash (you may need to flip axes on the available icons, but don’t worry about that right now.)

5. Heat exchanger, position to left of divider.

6. Mixer sub-palette, position to left of heat exchanger and below the first mixer.

7. Feed, position well below the mixer just added.  This will be the source of acetic acid.

8. Product, position above the outlet from the flash.

9. Right click the first mixer and choose to flip its axes.  Experiment until the orientations of the inlets and outlet are convenient for a neat flowsheet.  Repeat for the other mixer, divider, and heat exchanger.

10. Link ( position the near pyrolysis outlet (till it points), position to mixer inlet, click, position to mixer, continue till you connect the flow sheet together.  Right click when done.  

11. Run Simulation.

4.2.2 Component Specification

1. Thermophysical ( Component List ( acetic acid (double click), acetic anhydride (double click).

2. If you messed up use the menu at bottom of screen.  Do NOT delete the other components.  You should have 7 components now.  When done, SAVE.

4.2.3 Streams

1. Click the square box indicating the acid feed stream.

2. Type: 80 (C and 1 bar.  Also type in kg/hr: acetic acid: 4000.

4.2.4 Equipment

1. Edit the new Stoichiometric Reactor ( : Specify Thermal Mode: Adiabatic, Key Component: Ketene, Fract. Conversion: 1, stoichiometric No’s for components: (ketene): -1, (acetic acid): -1, (acetic anhydride): 1, OK 

2. Flash, specify P=1 bar, T = 50(C (we will iterate on the divider ratio to reduce the heat flow in the flash to near zero).

3. Divider, select flow ratio in kg/hr = 30:1.

4. Heat exchanger, set the outlet temperature to 35(C

4.2.5 Running

1. Go ahead and click the Run All ( continue? ( Y.  You may get an ERROR, but you might as well get used to seeing this one.  You will probably see it many times. It may be helpful to recall a small amount from your elementary course in material and energy balances.  Since the goal is for most of the reactants and products to exit the small flow end of the divider, that flow should be near 8000 kg/hr.  If the flow ratio is 30, that means the flow in the recycle loop should be near 240000 kg/hr (that’s big).  Click on the stream below the first mixer and type 122,222 for acetone and 122,222 for acetic acid.  That will provide a crude initial guess that will accelerate convergence significantly.  Then Run ( convergence ( Wegstein.  Wegstein iteration is similar to a multivariable version of the secant (aka. "interpolation") method.  You can read about it in your Chemical Engineers’ Handbook.  If you do not make these adjustments, you better be ready to go for lunch or something.  You may find it desirable to switch the convergence method back to successive substitution, so don’t forget that you changed it.  The Wegstein method accelerates divergence as well as convergence.  Also, the pseudo-dynamic simulation requires that you be in the successive substitution mode.

2. Run All ( “continue?” ( Y ( “converged”.  Check your output from the divider.  You should have ~600 kg/hr of anhydride, ~3300 kg/hr of acetone, and ~3600 kg/hr of acetic acid.  File ( Save as case ( Quench.  File ( ..\…\Anhydride.ccx.  This makes a backup copy of what we have done so far and reloads our base flowsheet.

4.3 Closing Large Recycles

Next we will need to separate the unreacted acetone and acetic acid (to be recycled) and byproducts methane, CO and ethylene.  The following steps will help us to design the necessary unit operations.  To design an optimal process flow diagram we need to think in terms of recycles.  The overall process flowsheet looks like:
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Figure 4. PFD for Anhydride Process Assuming Total Condensers
The trick here is to recognize that recycle loops generally increase the flow rates entering the equipment near the beginning of the process.  In the example of this Anhydride plant, this increase is ten-fold, because the conversion through the reactor is only 10%.  To recognize this fact, we have inflated the flow rates at the beginning of the process so that the amount passing through the early part of the process is sufficient to satisfy the process specification at the end of the process (i.e. 600 kg/hr of anhydride produced).  Recognizing that these inflated amounts will eventually comprise the recycle streams, we should begin by adding “excess feed” streams that will mimic the effect of a recycle stream in the beginning of the process.  These excess feed streams can be estimated by considering the overall conversion from feeds to products and computing the flow of raw feedstocks to the overall process (neglecting recycles).  The excess feed streams should be roughly 9 times the raw feed streams.  Then we should iterate on the compositions of these streams till they look like the product streams that will become the recycle streams.  When the excess feeds look reasonably similar to the excess product streams, we can simply remove the product and feed icons and connect the vacated outlet and inlet to each other.  This sounds a bit tedious.  Maybe you are thinking that you should just type in the complete flowsheet, recycles and all.  I tried that once, for a week. I said “stupid computer” a lot that week (and I called the computer some other names).  You will have plenty of opportunities to suffer similar experiences, so let’s do things in a predictable manner for now.  “The hurrieder you go, the behinder you get.”  

4.4 Partial Condensers

If you run the acetone separation tower with a total condenser and look at the temperature of the top stream, you will notice that its temperature is –2(C or so.  There is a problem with cooling water at that temperature because it is SOLID.  You have two choices:  (a) install a very expensive refrigeration unit (b) use a partial condenser.  Assuming you use a partial condenser, you need to identify the root cause of the surprising requirement for -2(C.  Can you do this?

The root problem is that there are “non-condensable” gases in small concentrations at the top of this column and we have specified a “total condenser.”  We can solve this problem in a simple way by changing from a total condenser to a partial condenser.  This causes the required amount for reflux to be condensed and the rest to remain as vapor.  This vapor comprises the acetone recycle stream and should be compressed to 7 bars as discussed above so we need to decide whether to compress the vapor stream, or condense as much as possible and pump the liquid.  Note that compressing such a large vapor stream would be very expensive.  A quick check of the non-condensable amounts in this stream, shows that it should be possible to add them directly to the purge stream and still meet process requirements.  Making the necessary modifications gives the PFD illustrated in Figure 5.

4.5 Step-by-step

1. Sequentially add the remaining pieces of equipment to the anhydride flow sheet.  Use shortcut columns in FUG design mode with PARTIAL condensers and R/Rmin = 1.3 for all distillation towers.  Run each unit operation immediately after adding.  Do NOT add all the equipment at once.

a. The anhydride/acid separation tower should have a partial condenser with splits of 0.999 on acetic acid and 0.005 on anhydride.  Run Simulation ( right-click ( run this Unit Op.  You should get 35 stages, feeding stage 15, with a reflux ratio of 0.58.  If you get 36 stages, check that you specified a partial condenser.  (After you get this to work, try setting the split on anhydride to 0.01 and rerunning.  What happens?)

b. The acetone/acid separation tower should have 99% split on acetone and 1% split on acetic acid.  Add a pump to the excess acetone product stream to raise it to 7 bars so it will be ready to recycle to the pyrolysis reactor. Run Simulation ( right-click ( run this Unit Op.

c. The heat exchanger at the bottom of the acetone separation tower should have outlet temperature of 35(C. Run Simulation ( right-click ( run this Unit Op.

d. The divider after the acetone/acid column should direct flow of 1864 kg/hr to the absorber.  The setting of 1864 kg/hr also determines the recycle of acid.  The flow of acid through the absorber depends on how much acid you need to achieve the absorption you need.  As discussed in Example 1.5.2, this represents a bit more acid that we need, but let’s accept that 1864 kg/hr is satisfactory for now and consider refining this estimate as part of the fine tuning process after the simulation is running. Run Simulation ( right-click ( run this Unit Op.

e. The absorber tower is intended to scrub acetone from the “quench” flash vapor, which then can be recycled to the acetone/acid separation tower.  We will model this absorber as a Component Separator during this phase of the design.  You will need to artificially add a mixer to blend the acid liquid with the flash gas to feed to the component separator.  A rigorous absorber operation would have two feeds and mixing would occur inside the column, but we are still in shortcut mode for now.  The split fractions should be {0.001, 1, 1, 1, 1, 0, 0} for {acetone, methane, ethylene, CO, ketene, acid, anhydride}.  Set the bottom outlet of the absorber flow (aka. Inlet to mixer in front of acetone/acid tower) to 2222 kg/hr of acid at 25(C and 2 bars.  A pump is necessary to bring the recycle acid leaving the acetone/acid separation tower up to 2 bars before it can enter the absorber, then mixed with the 353 kg/hr of acid feed.  The component separator allows only one feed to the tower so the mixed acid stream needs to be mixed with the gas stream to be fed to the component separator, requiring an extra mixer relative to the rigorous flowsheet.  Similar to the acid recycle stream, a compressor must be added to the output from the quench flash vapor to raise this stream to 2 bars before sending to the bottom of the absorber tower.  This is an adiabatic compression with Pressure Out = 2 bars. Run Simulation ( right-click ( run this Unit Op.

f. The “excess feed” of acetone should be ~3600 kg/hr and that for acid ~4000 kg/hr (as before).

2. Run recycle on the absorber recycle loop.  Check that the tops from the acetone tower and “excess product” of “quench” acid recycle add up to the tops from the anhydride tower (roughly).  The purge gas mostly just passes through.

3. Run all.  You should get ~3700 kg/hr excess acetone product from the top of the acetone separation, 150 kg/hr from the purge gas stream, ~4000 kg/hr for the excess product of acid, and 610 kg/hr of anhydride product with ~4 kg/hr of acid in it.  This is getting reasonably close.  But there is a problem to be resolved before adding the final closure, as discussed below.

4.6 Stabilizing Recycle Convergence

We have been extremely systematic and careful in the development of this simulation as an exercise, so connecting the excess streams together and removing the excess feed and products would probably be safe.  We know the answer so we can make it look easy.  In your own simulations, you may not have such a clear idea about what the answer should be and you might make a mistake that leads to either no convergence or convergence to an irrelevant result.  For example, you might slightly underestimate the flow rate needed for acetic acid in the absorber and slowly all your acetone would leave the process through the absorber until your simulation dries up and blows away.  Moral #1:  backup your case before attempting to converge such a recycle.  Moral #2:  you need a way of forcing the recycle computations to converge in a controlled manner.  The paragraph below describes one method that works.  It is very crude, but easy to understand and implement.

When it comes to the large recycle of acetone, we need to realize that the recycle loop is sensitive to anything that might have been done slightly inaccurately throughout the process.  That's the bad news.  The good news is that we know very well what the flow rate in the recycle needs to be.  The trick is to decouple the flow rate in the recycle loop from the inaccuracies in the complete simulation so that inaccuracies can be systematically identified and corrected, instead of wasting a few hours waiting for no convergence.  This can be accomplished by altering the flowsheet as described below:

1.  Edit Flowsheet.  Add a mixer and divider to the flowsheet.

2.  Move your excess feed and excess product to the side and connect them to the mixer and divider, respectively.  Reconnect the stream from the pump to the mixer and add the rest of the necessary streams.  Click on Run Simulation.

3.  Make sure the excess feed stream is at 3600 kg/hr of pure acetone at 8 bars and 44(C.

4.  Set the divider to mass flow rate with output stream 2 to 3600 kg/hr.  Run selected Unit Ops and make sure the 3600 kg is going to the process, not the product.

5.  Run all and watch the acid excess product stream.  Is there too much or too little acetic acid coming around now?  Tune the acetic acid feed amount before connecting the large recycle, and it wouldn't be a bad idea to use a convergence stabilization block there too.

  
The addition of the crude controller is illustrated in the upper left corner of the flowsheet below.  Note that controlling the flow in this way also helps us to clean out extraneous components.  Since we are adding pure acetone and removing a portion of the overall stream, we can obtain almost pure acetone by adding an excessive amount of the pure acetone and then removing it through the divider.  So this method provides composition control as well as flow control.  ChemCAD provides a controller model, and it could be used for flow control, but I tend to favor this crude method during initial stages. It helps draw attention to composition problems as well as flow problems, and it can make up for underestimated recycle flows as well as overestimated recycle flows. The controller model can only reduce flow rates.  
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Figure 5. PFD for Anhydride Process Assuming Partial Condensers
The only thing remaining is to close the acetic acid recycle loop.  We leave this as an exercise.  Don't forget to backup your case before proceeding.  If you feel bold, you could try simply deleting the acid feed stream then rerouting the acid recycle directly to the quench mixer.  If that does not converge, you can try a controller section.

4.7 Homework

1. In the flowsheet below, determine the appropriate molar flow rates of purge gas and recycle gas noting the gross feed to the reactor should contain 2 mole % N2.  Also determine the heat duty of the reactor and separator and whether heat is generated or consumed by the overall process.  Four kmol/hr of fresh feed at 1 bar contains CO2 and H2 in stoichiometric ratio with 0.5 mole% N2.  The reaction is:  3H2+CO2=CH3OH+H2O.  The reaction occurs at 700(C and conversion is 57%.  Reactor effluent enters a component separator separating the liquid H2O+CH3OH at 70(C from the gaseous CO2+H2+N2.  The gas stream passes through a divider that recycles the required amount of reactant and purges the rest.  What value do you obtain for the molar split ratio in the divider? (ref. H 5.122:532) Use UNIFAC thermo.
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2. The synthesis of ethyl chloride can be accomplished by reacting ethylene with hydrogen chloride in the presence of a slurried aluminum chloride catalyst according to:  C2H4 + HCl = C2H5Cl.  The solvent for the slurry is excess ethyl chloride.  The reaction is exothermic but the reactor is run adiabatically by allowing ethyl chloride (MW=64.5) to evaporate in the reactor.  For safety, the reactor must be held at 45(C by cooling the recycled ethyl chloride to 0(C.  The feed streams are pure HCl gas at 0(C and 93mole%C2H4 + 7% C2H6 at 0(C.  The entire process is conducted at 1 bar.  The separation of ethyl chloride can be modeled with a partial condenser short-cut column with 99.9% recovery of light and heavy keys.  An abbreviated flowsheet is shown below.  The desired product is 1600 kg/hr of C2H5Cl at 0(C, and the reactor provides 98.5% conversion.  C2H4  and HCl enter the reactor in stoichiometric proportions. Use UNIFAC thermo. (ref. FR 10.26:433)
(a)  At what rates (kmol/hr) do the two feed streams enter the process? (10)
(b)  Calculate the mole fractions and molar flow rate of the light stream from the shortcut column. (10)
(c)  What value do you obtain for the molar split ratio in the recycle divider? (10)
(d)  How many stages, what feed stage, and reflux ratio do you estimate for the column?(5)
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3. 1000 kg/hr of cumene (aka isopropylbenzene) can be manufactured from benzene and propylene in a fixed-bed catalytic reactor.  In a typical process, the liquid propylene feed to the reactor is 75 mole % propylene and 25 mole % n-butane.  Makeup benzene is mixed with recycled benzene (both at 25(C) in a mass ratio of 1 kg fresh per 3 kg recycled.  The reactor operates at 205(C and converts all of the propylene.  The pressure of the reactor can be estimated by computing a pressure sufficient to obtain saturated liquid for the reactor effluent after it is cooled to 95(C.  The reaction products are fed to a distillation column where 99% of butane goes overhead in the purge stream and 99% of benzene is recovered in the bottoms.  The benzene is then separated from the cumene with 99% recovery of each in their respective streams. Use the Peng-Robinson equation for the K-value model and assume a total condenser. (ref. FR 10.25:431)
(a) Assuming that all of the unreacted benzene is recycled, what is benzene’s conversion in the reactor?
(b) Using ChemCAD's shortcut column and a R/Rmin of 1.3, determine the number of ideal stages required, reflux ratio, the temperature of the distillate and bottoms ((C), and the duties (MJ/hr) of the condenser and reboiler for the first distillation column.  
(c) Using ChemCAD's shortcut column and a R/Rmin of 1.3, determine the number of ideal stages required, reflux ratio, the temperature of the distillate and bottoms ((C), and the duties (MJ/hr) of the condenser and reboiler for the second distillation column.  
(d) Determine the feed rate (kg/hr) for the makeup benzene and the component flows of all species in the C3/C4 purge stream.
(e) Save a backup case of your work so far.  Reset the convergence criterion to permit only 4 iterations per run. Run all and compare the benzene composition of the reactor effluent to the benzene composition before this run all.  What does this tell you about the required feed rate for the benzene feed?  Try different values for the benzene feed rate till the composition of the reactor effluent holds steady.  Then converge the entire flowsheet.  Report the reactor heat duty(MJ/hr), the heat exchanger duty (MJ/hr), and the ideal feed stage/number of stages and reflux ratio estimated for each short-cut column.

4. The simplified diagram of a catalytic alkylation unit is shown below.  In the reactor, isobutylene and isobutane react to form C8 “alkylate,” which we will assume is pure 2,2,4-trimethylpentane.  The yield is given as 1.72 kg of alkylate per kg of butylene converted.  Hence, some by-products must be formed, presumably by decomposition of the alkylate to CH4 and 2,3,3-trimethyl-1-butene.  With these assumptions, the reactions are:

C4H8 + C4H10 = C8H18

C8H18 = CH4 + C7H14

The isobutylene feed is 1000 kg/hr and the composition in mole % is {74.4, 16.5, 7.8, 1.3} for {isobutylene, isobutane, n-butane, propane} respectively.  The isobutane feed rate needs to be determined (part b below) but its composition in mole % is {89.7, 9.0, 1.3} for {isobutane, n-butane, propane}.  Assume the SRK model for all thermodynamics.  (ref. PT 14:856, AIChE’77)

(a) Write a single balanced stoichiometric reaction that accounts for the yield of alkylate from butylene. (15)

(b) Based on an overall mass balance, and assuming 100% conversion of butylene in the reactor, and 100% recovery of isobutane for recycle, estimate the isobutane feed rate (kg/hr).  Note: do NOT connect the recycle stream in your process flow diagram until part (d). (15)

(c) The isobutane recycle rate should be set such that the reactor effluent is 75 wt % isobutane.  Based on the isobutane feed rate from part (b), estimate the flow rate of the isobutane recycle (kg/hr).  (10)

(d) Save a backup case of your work so far.  Reset the convergence criterion to permit only 4 iterations per run.  Set the splits in the columns to be 0.99/0.01 in all short-cut columns.  Run all and check the composition of the reactor effluent.  What does this tell you about the required feed rate for the isobutane feed?  Try different values for the isobutane feed rate till the composition of the reactor effluent holds steady at 75 wt% isobutane.  Then converge the entire flowsheet.  Report the reactor heat duty (MJ/hr), the heat exchanger duty (MJ/hr), and the ideal feed stage/number of stages and reflux ratio estimated for each short-cut column. (10)
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5. Benzene is to be chlorinated in a catalytic reactor.  The desired product is monochloro-benzene ("chlorobenzene") but some of the product is further chlorinated to dichlorobenzene, essentially all "p-DiCl-Benzene" isomer. The feed to the reactor is 10,000 kg/hr benzene plus 25% excess chlorine assuming (as an approximation) complete conversion to chlorobenzene.  This is fed to the reactor as a mixed stream at 40(C and 1 bar.  The true conversion of benzene per pass is 85% with 12:1 molar ratio of monochlorobenzene to dichlorobenzene.  The reactor operates isothermally at 344(C and 1 bar. The reactor effluent is cooled to 40(C before purifying.  The unconverted benzene is recycled to the reactor inlet upon recovery.  Two towers serve to perform this separation.  The first tower after the reactor splits the chlorobenzenes from the other species.  The second tower can be modeled as "separator" that sends all "hydrogen Chloride" (the only byproduct) and unconverted chlorine out of the process at the bubble point temperature. Use Peng-Robinson thermo. (ref. FR 10.46:440)

a.  Write a stoichiometric reaction that accounts for the observed ratios of products.(10)
b.  Compute the flow rate in kg/hr of chlorine entering the reactor. Note: do NOT connect the recycle stream in your process flow diagram until part (d). (10)
c.  Compute the flow rates in kg/hr exiting the stoichiometric reactor, including the recycle.(10)
d.  Assuming 99% recovery of benzene, 3% distillate recovery of the heavy key, and R/Rmin=1.3 in a shortcut column at 1 bar using Peng-Robinson K-values, estimate the number of stages, feed stage, reflux ratio required in the chlorobenzene recovery column.  (10)
e.  Add a mixer to combine the recycled benzene stream with the entering stream estimated above and iterate to convergence.  Assume the entering stream is at 40(C and 1 bar.  Report the flow rates (kg/hr) of all components in the distillate stream.  (10)

6. Polyethylene terephthalate (PET, aka polyester or Dacron when fiber) can be produced in what may be termed as the classical “Dacron flowsheet.”  (107 Flowsheets, p28).  This DuPont process applies nitric acid as the oxidant to react (R1a) p-xylene to terephthalic acid (TPA).  Also, some byproduct p-Toluic Acid is formed (R1b).  TPA is esterified with methanol to dimethyl terephthalate (DMT) in a second reactor (R2).  DMT is purified then transesterified with ethylene glycol to bis(ethylene glycol)terephthalate (BHET). (R3)  The BHET is later polymerized resulting in the vaporization of one glycol unit, but we terminate our interest with the R3 step.  Schematically, the process is: 
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The reactions are:

CH3-C6H4-CH3 + 12HNO3 = HOOC-C6H4-COOH + 8H2O + 12NO2 


95%            (R1a)  

CH3-C6H4-CH3 + 6HNO3 = CH3-C6H4-COOH + 4 H2O + 6NO2 



5%              (R1b)    

HOOC-C6H4-COOH + 2CH3OH = CH3OOC-C6H4-COOCH3 + 2H2O 



     (R2)

CH3OOC-C6H4-COOCH3 + 2 HOCH2CH2OH = HOCH2CH2OOC-C6H4-COHOCH2CH2OH + 2CH3OH    (R3) 

12 tonnes per day of p-xylene are fed with 20% excess nitric acid to the first reactor, which operates at 200(C.  All excess nitric acid, water, and NO2 are removed in the first component separator operating at 25(C.  (FYI:  In reality, the NO2 leaves the reactor directly and the unreacted species are removed by filtration.)  50% excess methanol (on basis of 100% xylene conversion to TPA) is fed to the second reactor (Op3), which operates at 150(C.  95% of the methanol entering the 35(C second component separator (Op4) is recovered for recycle and none of the DMT or toluate exits with that methanol-rich stream.  All of the toluate and methanol are stripped from the DMT in the third component separator (Op5) at 255(C.  Glycol is fed in stoichiometric proportion and all DMT is converted to BHET in the last reactor.  99% of the methanol entering the last component separator (Op8) is recycled.

(a) Compute the flow rates (kmol/hr) of xylene and nitric acid entering the first reactor. (10)

(b) Compute the flow rates (kmol/hr) of all species entering the second reactor.  (10)

(c) Compute the flow rates of all species entering the third reactor. (5)

(d) Compute the flow rate (kmol/hr) of the methanol makeup stream. (10)

5 Mass Transfer Operations

The three types of mass transfer operations we present here are simple distillation, absorption, azeotropic distillation, extractive distillation, and liquid-liquid extraction.  

5.1 Simple Distillation

Let’s continue with the anhyride process for an illustration of using short cut distillation columns to approximately design a rigorous distillation column.  The short cut method is not rigorous; it assumes constant relative volatility.  But it gets us started, and we have tools for checking and refining our guesses.

1. Check the anhydride purification shortcut column.  Note the number of stages, the reflux ratio, and the feed stage to achieve splits of 0.999 and 0.005 on the acid and anhydride respectively.  ChemCAD calculates the number of stages of the short cut column = ~36, R ~ 0.6 and the feed stage ~ 16.  These numbers will give us some idea of what the rigorous distillation column should look like to achieve more than 99.9% anhydride in the bottoms product.  Check the temperature and flow rate of the distillate stream.  Then cancel.

2. Edit Flowsheet, right-click the anhydride column to bring up the “swap” option.  Select a SCDS column (this one permits efficiency spec.). Run Simulation.

3. Setup the SCDS column to have 72 trays, feed = 30, efficiency = 0.5,0.5 (top, bottom), R/D=0.6, Bottom comp fraction recovery =0.95, component = acetic anhydride. 

4. Run the SCDS column (This is a slow unitOp because it is rigorous).  You should get a molar flow of ~1E-5 of acid and less of other components in the bottoms product.  This is better anhydride purity than you need, but the fraction recovery of anhydride is fairly low.  Change the distillate spec to 0.99999 recovery of acetic acid.  This will allow the reflux ratio to vary.  Also change the Initialization Flag to 1 on the Convergence page.  Run, then raise the anhydride recovery to 0.98.  Run, then reduce the acid recovery to 0.999.  Run, then raise the anhydride recovery to 0.995.  These are the specifications originally applied to the shortcut column, so the process should run exactly as before.  Note the reflux ratio for the SCDS column ~0.64.

5. NOTE the manner in which we apply the reflux ratio and bottoms recovery to run the rigorous model on the first try.  If you skip this step, you may find great difficulty in getting the rigorous model to converge.  For example, if there is an azeotrope in your system and you specify the top and bottom splits to be 0.99 and 0.01, the shortcut column may give you an answer despite the azeotrope, as discussed in Chapter 1.  But the rigorous model will actually try to compute the tray compositions at every intermediate stage.  If you have specified constraints that imply tray compositions passing through the azeotrope, that is impossible.  The rigorous model will wander off trying to satisfy your impossible constraints, but of course it never will, so it gives a “convergence” error.  If you specify the reflux ratio and bottoms recovery on the initial try, you have a much lower chance of specifying impossible constraints, and a much greater chance of converging.  After you have gotten a start on a converging column, you can tighten up the constraints carefully while keeping an eye on the y-x curves, tray compositions, and iteration time.

5.2 Sensitivity Analysis of Optimal Feed Stage

We have an approximate SCDS design obtained with the help of ChemCAD short cut distillation column.  At this point sensitivity analysis will be able to help us to bring the column design closer to the optimum.  We can check if we vary for example the feed stage how the condenser heat duty would change.  To do this:

1. Zoom in on the Anhydride Purification column and check its ID number.  Click on this column so it will be pre-selected as the unit of interest.  

2. Run ( Sensitivity Study ( New Analysis ( AnhyPurCol 

3. Edit Independent Variable. Identify Equipment variable as the one of interest and enter the ID number.  The down arrow on the “Variable” box should now be active and you can select “3  1st Feed Stage”.  Variable Name ( Feed Stage.  Vary From 25 to 45 in 10 equal steps.  OK

4. Edit Reported Variables. Dependent Variable 1:  Identify Equipment variable as the one of interest and enter the ID number.  Variable ( 38 Cond duty.  Variable Name ( Condenser duty.  Units ( enthalpy rate. Dependent Variable 2:  Identify Equipment variable as the one of interest and enter the ID number.  Variable ( 39 Reblr duty.  Variable Name ( Reboiler duty.  Units ( enthalpy rate.  OK

5. Run Selected Unit. Wait for multiple simulations to complete.  Plot Results ( Fill top two check boxes.  OK.  Close the written report to view the Plot.  Note that the minimum condenser duty appears at stage 41, but anything between 37 and 45 would be good enough.  Exit.

6. Edit the Anhydride Purification column and make sure the feed stage is set to 41 for future operations.

5.3 Absorber Design

5.3.1 Example.  Absorber for the Anhydride process

We discussed the shortcut design of this absorber using Kremser analysis in Example 1.5.2.  The only problem is that the previous example assumed an operating pressure of 1 bar, whereas the actual process should operate at 2 bars.  We can obtain a reasonable estimate by making the K-values proportional to their values at 1 bar divided by the pressure in bars.  Then we get:

	Teff=
	50
	C
	Ai=Lin/(Ki*Vin)
	
	
	
	
	

	Peff=
	2
	bar
	Si=1/Ai
	
	
	
	
	
	

	nStages=
	3.5
	
	SplitA=(Ai-1)/(Ai^(N+1)-1)
	
	
	

	
	K-values
	VapIn(kmol/h)
	LiqIn(kmol/h)
	A
	S
	SplitA
	SplitS
	VapOut
	LiqOut

	Acetone
	0.366
	5.61
	0.20
	7.0801
	0.1412
	0.0010
	0.859
	0.034
	5.776

	Methane
	10637.807
	6.88
	0.00
	0.0002
	4100
	0.9998
	0.000
	6.883
	0.002

	Ethylene
	9280.279
	0.41
	0.00
	0.0003
	3577
	0.9997
	0.000
	0.413
	0.000

	CO
	17934.259
	0.83
	0.00
	0.0001
	6912
	0.9999
	0.000
	0.826
	0.000

	Ketene
	0.500
	0.00
	0.00
	5.1892
	0.1927
	0.0027
	0.808
	0.000
	0.000

	Acid
	0.038
	0.49
	36.73
	68.7684
	0.0145
	0.0000
	0.985
	0.534
	36.681

	Anhydride
	0.011
	0.02
	0.02
	227.4080
	0.0044
	0.0000
	0.996
	0.000
	0.045

	Tot
	
	14.24
	36.95
	
	
	
	
	8.690
	42.504


So we estimate that 4 equilibrium stages are needed.  Note that absorbers and strippers have no reboiler or condenser, so the specification page can be skipped.

1. Now we need to convert the component separator in the flowsheet into a SCDS column.  Edit Flowsheet and replace the Component Separator with a SCDS column sub(4, 3).  The specification of the feed to the absorber should basically suffice to strip the acetone below 0.25 mole % from the gas purge stream, as specified in the problem statement.  Run the SCDS column and inspect the component flows from the top (purge) stream.  

2. Note that ~8kg/hr of acetic acid is lost with the purge stream.  We must increase the feed flow of acid by 8kg/hr to account for this.  The resulting concentration of acetone in the purge gas is 0.03 mole %, so this process spec is satisfied.  The bottoms from this column are then mixed with the tops from the anhydride column and fed to the acetone separation tower.  To maintain the 2232 kg/hr going to the absorber, you should check the equipment specification for the divider so that 1864 kg/hr (not flow ratio) is going to the absorber.  Note that the 1864 kg/hr is combined with the feed acid to reach 2232 kg/hr to the absorber.  

3. Run Recycle and converge the absorber section of the flowsheet.  Check that the component flows are roughly unchanged by putting in the SCDS column.  Run All and save.

5.4 Azeotropic vs. Extractive Distillation

What is the difference between azeotropic distillation and extractive distillation?  Usually, the objectives are the same: to separate a mixture that is close to its azeotropic composition.  So that’s not the difference and that’s not the reason for the name “azeotropic distillation.”  To appreciate the true situation, it is necessary to recall that the cause of azeotropic behavior is that the relative volatility of the components in the azeotrope has approached unity.  Normally, the relative volatility goes as the ratio of vapor pressures, so there must be something altering the volatility relative to its Raoult’s law form.  That “something” is the fugacity or activity coefficient.  In order to break the azeotrope, we must add a third component that alters the fugacity behavior.  In azeotropic distillation, the third component leads to formation of a new azeotrope at the ternary azeotropic composition.  In extractive distillation, the third component alters the fugacity behavior such that no more azeotrope appears.  We can illustrate the similarities and differences between these two approaches by considering the separation of dry ethanol from a 94 wt% feed.  The two flowsheets are:

5.4.1 Azeotropic Distillation

1. Create a new job called AZEODST2.  If you prefer, you can start from CC6Data\examples\AZEODIST, save as AZEODST2, and modify as below.  The main change is the added column to recover ethanol in the decanter.

2. FLOWSHEET:  Provide three feed streams with the middle one being stream 1, bottom one being stream 2 and top stream 3.  An SCDS column sub(4, 2), an LLV flash (5, 7) and a pump and three product streams. 

3. COMPONENT LIST:  n-Pentane, Ethanol, Water.  

4. THERMOPHYSICAL:  K-Values ( NRTL.  Make sure that the following are set:

	1
	2
	436.69
	363.36
	0.38201

	1
	3
	877.92
	1818
	0.16182

	2
	3
	114.49
	520.4
	0.48175


5. STREAMS: Stream 9: 70(C, 3.4 bars, 36111 kg/hr of pentane, 3125 kg/hr EtOH, 133 kg/hr of water. Stream 1: 70(C, 3.4 bars, 22 kg/hr of pentane, 0 kg/hr ethanol, 0 kg/hr of water. Stream 2: 70(C, 3.4 bars, 0 kg/hr of pentane, 5057 kg/hr ethanol, 332 kg/hr of water. 

6. EQUIPMENT: Characterize the SCDS column with 19 stages, feeding stages 1, 2, and 3.  The top pressure should be 3.3 bars with a column pressure drop of 0.17 bars.  Select No Condenser, and Reboiler Mode of V/B Boilup Ratio = 4.2.  Distillate Flow ~ 555 kmol/hr, Ttop = 77, Tbot = 111(C. Set the Iteration limit to 111 on the Convergence page. Set the flash to have 0.0001 V/F at 3.21 bars.

7. Run the SCDS column alone.  Note the high pentane loss from the bottoms.  Fix this by changing the reboiler spec to bottom component mole fraction of 1E-5 on pentane.  Run again.  This may take a while.  After the first failure, change the initialization flag to 1.  

8. Just for fun, add a second SCDS column to separate the water from the azeotropic ethanol and recirculate the azeotropic ethanol. Save a new case. Start with a short-cut column to size the SCDS column.  Assume 99.9% and 0.1% splits.  Note the distillate composition.  Swap in the SCDS column maintaining the reflux ratio but change the ethanol split to 99%. Note the change in distillate composition.  Add a mixer that combines the recycled azeotropic ethanol with whatever makeup azeotropic ethanol is necessary.  Follow the usual procedures to close the recycle of the azeotropic ethanol.  Cost out the process.
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5.4.2 Extractive Distillation

1. Create a new job called EXTRADST.  Set the components to ethylene glycol, ethanol, and water.  Provide two feed streams at 5389 kg/hr each at 25 C and 1 bar.  Check that the K-values are set to UNIFAC.  For now, connect the two streams with a mixer that feeds to a shortcut column with two product streams.  The upper feed should be pure ethylene glycol and the lower should be 5057 EtOH and 332 water.  Set the short-cut design column with total condenser to split 0.99 ethanol out the top and 0.01 water out the top with R/Rmin=1.3.  Run all and note the number of stages(36), reflux ratio(5.1), and feed stage(18).

2. Exchange the short-cut column for a multi-inlet SCDS column and remove the mixer.  Send the glycol feed to the top of the column and the ethanol feed to the middle of the column.  Under Equip, set the first feed to 3 and second to 18.  The glycol is relatively non-volatile and must enter the column near the top to effectively flow through the entire column.  Set the reflux ratio to 5.1 and the bottom component fraction recovery to 0.01 for ethanol.  Run all.  How does the purity of dry ethanol from this process compare to the purity from AZEODST2?

3. Just for fun, add a second SCDS column to separate the water from the glycol and recirculate the glycol.  Start with a short-cut column to size the SCDS column with 0.999 split on water and 0.0001 split on glycol.  Compare the reflux ratio for the shortcut design to that for the SCDS column.  Add a mixer that combines the recycled glycol with whatever makeup glycol is necessary.  Follow the usual procedures to close the recycle of the glycol.  Cost out the EXTRADST process and compare to AZEODST2.  

4. Compile the energy cost to run all reboilers in each process and compare to the heating value of the dry ethanol produced.  Which process would you recommend?

5.5 Liquid-Liquid Extraction

The design of a liquid-liquid extractor is somewhat similar to the design of an absorber in the sense that guidelines follow the Kremser approximation.  Liquid-liquid extractors are more complicated, however, because the K-values of liquids can vary strongly with composition.  This means we need to check the design with different assumptions about the K-values and make a conservative choice for the initial design.  To demonstrate liquid extraction, let’s carefully analyze a specific problem.  In Unit Operations Lab, a common experiment is to extract acetic acid from solvent toluene using water as the extractant.  We will assume an equimolar mixture of acid and toluene. We will use the NRTL equation to model the thermodynamics.  

	Comp. I
	Comp. J
	(gij
	(gji
	(ij

	Acid
	Toluene
	600.014
	666.296
	0.7272

	Acid
	Water
	-110.568
	424.019
	0.2997

	Toluene
	Water
	2839.37
	2160.78
	0.2


Initially, assume the kmol/hr of toluene:acid:water is to be ~3:3:4.  Create a new Job with a feed and three products, as in the upper left of the Figure below.  Format ( Eng Units ( Mass/Mole ( kmol.  Specify the feed stream. Set all feed temperatures and pressures to 25(C, 1 bar.
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ThermoPhysical ( K-values ( NRTL.  Run the liquid flash unit and note the acid in the lower stream.  Does the value make sense?  Try ThermoPhysical ( K-values ( Vapor-liquid-liquid, and Run All.  Do you see a difference?  

To estimate the K-values for the Kremser approximation make a binodal plot of the liquid-liquid equilibria (LLE) and estimating the necessary K-value.  Plots ( binodal plot ( specify components in the order: toluene, acid, water at 25(C.  Follow the tie-line for the point that crosses through 30% acid and 40% water.  Since toluene is less dense than water, we will refer to it is the upper phase (i.e. y gives the composition in the toluene-rich phase).  You should get x~{0.005,0.345,0.65} and y ~{0.755,0.235,0.01} => KA = 0.68.  Modifying the spreadsheet as shown below estimates that 90% of the acid can be extracted in 10.1 equilibrium stages.  
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Noting that the number of stages is high, we might want to try increasing the flow rate of water.  Suppose we try 3:3:8 of toluene:acid:water.  The binodal plot then gives KA ~ 0.09/0.25 = 0.36.  The Kremser design becomes:
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This gives us an indication that we should be able to perform this extraction in ~5 equilibrium stages.  Rule 16.3 suggests that 5 stages is satisfactory for a mixer-settler, with 80% efficiency being typical.  Let’s try 5 ideal stages for a rigorous Extractor, and hope that we can adjust the water flow rate to compensate for any shortcomings we have in the number of stages.


Modify the flowsheet to include the rest of the features in the Figure. Set the upper feed to the extractor to 4 kmol/hr of water. Set the lower feed to the extractor to 3, 3 kmol/hr of toluene, acid.  Set all feed temperatures and pressures to 25(C, 1 bar.  Run All and check the molar flow rate of acid in the top product.  You should get 0.00087 kmol/hr of acid ( 99.97% recovery of acid.  That’s even better than expected. Vary the molar flow rate of water feed till you get better than 99.9% recovery.  Note how sensitive the results are to the flow rate of water.  This is a reflection that the K-values are changing as well as the flow rate in the rigorous model.  A value of 3.5 kmol/hr of water should give 0.0028 kmol/hr of acid in the upper product stream.  This is satisfactory. Change the extractor efficiency to 0.8 on top and bottom stages.  This automatically specifies that all stages in between have efficiency of 80%.  Then it takes 13 kmol/hr of water.  That’s bad news.  Increase the number of stages to 10.  Now 3.2 kmol/hr of water can get the job done.  This is probably a reasonable design.  The morals to this story include: (1) use the Binodal Plot feature to visualize your LLE (2) Kremser approximation for liquid extraction provides only a very crude approximation (3) don’t forget to set your VLLE option if you suspect LLE in your flowsheet.  If your flowsheet includes more than one unit operation but only one where LLE is a concern, use the Set Local K option to specify VLLE for that operation only.  The VLLE option is much slower and wastes time if you apply it to operations that don’t need it.  

5.6 Hengstebeck Diagram

The Hengstebeck diagram visualizes the effectiveness of the separation through a pseudo-McCabe-Thiele diagram by putting a multicomponent system on a pseudo-binary basis.  Consider for starters the ops lab distillation tower, in which case the result is simply a McCabe-Thiele diagram since the distillation is actually on a binary basis.  There are 14 stages in the column, counting the condenser and reboiler.  Set up CC6 with a single SCDS column with 10 wt% methanol and 90% water as the feed on the 8th stage.  Set the reflux ratio to 2 and the mole fraction of water in the bottoms as 0.98, and the stage efficiency to 1 at top and bottom.  Run the column then set the Results(flow units) to mole fractions.  Then select Results(tray compositions).  Copy and paste the resulting page into the CcOutput tab of McThiele.xls.  Data(convert text to columns) will put the numbers in the appropriate places.  The BaseCopy tab shows the resulting McCabe-Thiele plot.  Copy this worksheet; then copy all the cells on the copy and PasteSpecial(values) over the existing cells to de-link it from the CcOutput worksheet.  Now this page will stand on its own and can be compared to the results of other simulations.  For example, change the stage efficiency (on the convergence tab) to be 60% at top and bottom(the intermediate stage efficiencies will be interpolated).  Re-run the simulation and paste the tray compositions into the CcOutput worksheet.  Now the BaseCopy tab shows the effect of inefficiency and this can be compared to the 100% efficient case.  What effects do you observe?  Suppose you define the overall efficiency as the number of stages required to reach 85mol% methanol.  How does the overall efficiency compare to the stage efficiency?  If you change the feed stage to 11 for example, you may observe some odd twists in the stages.  This is an indication that you have specified too many stages for one particular section of the column.  You should try changing the feed stage or reflux ratio until you eliminate this behavior.  Then you will be making the most of the column that you have.  

As an example of a real Hengstebeck plot, we can consider the anhydride column of the anhydride process.  We seek to split the anhydride from the acetic acid. The trick is to put the multicomponent compositions on a pseudo-binary basis.  This is achieved by x’=xLK/(xLK+xHK) and y’=yLK/(yLK=yHK).   Follow the Hengstebeck.xls example to see how this is performed and mapped to the BaseCopy. Steadily vary feed location and note the way the Hengstebeck plot changes.  For more discussion of Hengstebeck analysis, see Kister’s book on distillation.

5.7 Homework 

1. 20 mole% methanol and water at 25(C is to be separated at 1 bar with a total condenser to recover 99% of the methanol from the top of the column and 99% recovery of the water from the bottom.  Set your thermo to UNIFAC.
(a)  Use the short-cut method to estimate the number of stages, the feed stage and the reflux ratio for the distillation column taking R/Rmin=1.3.
(b)  Using the settings from above for stages, reflux ratio and % recovery of water, compute mole fractions of methanol in the distillate and bottoms by the rigorous SCDS model.


2. As part of a dimethyl ether synthesis process, the following stream is to be purified with 99% of the dimethyl ether recovered as distillate and 99% of the methanol in the bottoms stream.  This should yield 99.5 mole % DME in the top stream.  Assuming a total condenser with UNIFAC thermodynamics and R/Rmin=1.3, estimate the number of equilibrium stages, the feed stage, condenser duty, reboiler duty, and the reflux ratio.

	T((C)
	P(bar)
	DME(kmol/h)
	MeOH
	H2O

	75
	10
	131
	65
	131


3. Continuing with the DME process, the bottoms stream from the first column after the reactor is split in a second column with 99% of the methanol recovered in the distillate and 99% of the water recovered in the bottoms.  This should yield 99.5 mole % water in the bottom stream  The stream conditions are given below. Assuming a total condenser with UNIFAC thermodynamics and R/Rmin=1.3, estimate the number of stages, the feed stage, condenser duty, reboiler duty, and the reflux ratio.

	T((C)
	P(bar)
	DME(kmol/h)
	MeOH
	H2O

	139
	7.4
	1.3
	65
	131


4. Using the reflux ratio, fraction recovery of heavy key, feed stage, and number of stages from the shortcut column design, swap the shortcut model for the second distillation column after the reactor in the DME process (cf HW 2.1, Turton Apx B.1)  Run this selected distillation column based on a rigorous SCDS model.  Assume UNIFAC for K-values.
a.  Compute the fraction recovery of the light key in distillate with these settings.(10)
b.  Setting the initial flag to 1, change the distillate constraint to 99% recovery of methanol.  Report the computed reflux ratio, condenser duty, and reboiler duty.  (10)
c.  Estimate the diameter, tray spacing, bottom thickness, top thickness and cost of the trays in this column.  (You may need to copy some of these manually from the sizing to the costing menu.)  (10)

5. A 50(C stream with flows given below is to be split at 1 bar between acetic acid and anhydride with splits of 0.99 and 0.01 respectively.  The estimated number of stages is 30 and the estimated reflux ratio is 0.75.  Estimate the condenser duty (MJ/hr) by ChemCAD and compare to the result from hand calculation. (10)

	Comp.
	-g/cc
	mFlow-kg/hr
	-cP
	Cp-J/g-K
	k-W/m-K
	W-cP
	-J/g
	Tb-(C

	Acetone
	0.75
	6000
	0.25
	2.3
	0.15
	0.56
	501
	56

	AcAcid
	1.01
	6000
	0.79
	2.2
	0.16
	0.56
	394
	118

	Anhydride
	1.04
	1255
	0.62
	2.0
	0.16
	0.56
	394
	139

	Water
	1
	0
	0.56
	4.2
	0.64
	0.56
	2000
	100


Formulas:  Acetic Anhydride is  (CH3C=O)2-O,  Acetone is (CH3)2C=O.

6. The following mixture at –3 C is to be split between 1-butene and trans-butene at 1 bar. 
(a) Assuming 50% efficiency for each stage, estimate the number of stages and required reflux ratio to obtain 0.99 and 0.01 splits. Use the Peng-Robinson model.
(b) Estimate the diameter (m) of the column. (10) (Hint: set design pressure = 2 bar.)
(c) Assuming 50% efficiency for each stage, estimate the equipment cost of the trays(k$).(5)
(d) Assuming 50% efficiency for each stage, estimate the equipment cost of the shell(k$).(5)

	Comp.
	Tb(C
	mFlow-kmol/hr
	Tc(K)
	Pc(MPa)
	w

	Isobutene
	-7.6
	52
	417.9
	4.00
	0.189

	1-butene
	-6.5
	11
	419.6
	4.02
	0.187

	Trans-butene
	0.5
	23
	428.7
	3.98
	0.219

	Cis-butene
	3.3
	14
	435.3
	4.20
	0.202


7. A process stream contains 10 mole% methyl chloride, 20 mole % methanol, 30 mole % dichloromethane, 25 mole% benzene, and 15 mole % chlorobenzene.  The stream is presently available as a saturated liquid at 1.2 bars.  It is desired to separate this stream in a distillation column with benzene as the heavy key and methanol as the light key.  The design light key recovery is 0.99 and the design heavy key recovery is 0.01.  Using ChemCAD's shortcut column with NRTL selected for the K-value model, a total condenser, a basis of 220 kmol/h feed, and a R/Rmin of 1.2:
(a)  For atmospheric pressure operation of the column, determine the minimum number of stages, minimum reflux ratio, number of ideal stages required, and the temperature of the distillate.  
(b)  Determine the column pressure required to give a condenser temperature of 55 (C (it's safe to assume that the distillate and condenser temperatures are the same here).  Suggestion:  leave the feed stream pressure at 1.2 psia until you are "close," then match your feed stream pressure to your column pressure as you refine your answer.  For the column pressure you determine, report the minimum number of stages, minimum reflux ratio, number of ideal stages required, and the temperature of the distillate.  
Pressures tried (bars)    Distillate temperatures ((C)

8. Questions below refer to the AZEODST2 and EXTRADST processes as discussed in section 5.4. Make sure that the raw feed of aqueous ethanol to each process is 511 kg/hr of ethanol with 355 kg/hr of water at 70(C and 3.4 bar and that you have properly designed the primary columns for this feed. Assume total condensers and NRTL K-values.  Cooling water is at 30(C and may be raised to 50(C.  You should add all the necessary mixers and converge all recycle loops before reporting any results. Make shortcut designs of the supplementary distillation columns for both processes (i.e. the column for recovering the azeotropic ethanol for AZEODST2 and the column for recovering the glycol in EXTRADST).  Assume splits of 99.9% and 0.1%.  Converge both processes with the secondary shortcut columns in place (leave SCDS designs for the primary columns).  Report the number of stages, the feed stage, and the reflux ratio for each column.  Note: this (non-azeotropic) feed stream may need to be sent to the water recovery column before going to the azeotropic column.
(a) Transform the secondary shortcut columns into SCDS simulations with 100% efficiency, equivalent reflux ratios, and equivalent light component splits.  Report the fraction of heavy recovery, and the condenser and reboiler duties (MJ/hr).  Explain the fraction of heavy recovery for the AZEODST2 column. 

(b) Size and cost the base equipment cost for all condensers and reboilers in both processes.  Tabulate the effective area (m2), LMTD ((C), Uo (service: W/m2-K), and heat spec (MJ/hr) as well as the cost (k$). Also report the module cost for all heat exchangers within a given process.

(c) Size and cost the trays and base equipment cost for the all the columns in both processes.  Also size any flash units that may appear.  Tabulate the number of stages, the feed stage, the column diameter, and the key specs that you applied for each column. Also report the module cost for all staged equilibrium operations within a given process.

(d) Compare the capital costs of the two processes.  Also compare the total steam and cooling water requirements (MJ/hr) for both processes.  Make recommendations based on this analysis and suggestions of possible improvements to this analysis.

9. The feed (kmol/h) to a multicomponent distillation column is 50 % vapor at 0.533 bars with {0.488, 1.599, 16.835, 0.662, 1.029, 0.769, 1.919} for {Toluene, Naphthalene, Biphenyl, Diphenylmethane, Fluorene, Phenanthrene, m-Terphenyl}.  The column is to operate at an average pressure of 0.533 bars, and the thickness of the walls should be 0.005 m.  The split is to be 0.98 on the biphenyl and 0.4 on the Diphenylmethane.  Assume the Peng-Robinson model for all thermodynamics.  (PT 12:849, AIChE’75)

(a) Use a short-cut column with R/Rmin = 2.0 to estimate the ideal feed/number of stages, reflux ratio, condenser duty, and reboiler duty.  (10)

(b) Assuming 60% efficiency and a 10% safety allowance on the number of stages, and the reflux ratio and biphenyl split from part (a), compute the split on the Diphenylmethane according to the SCDS model of the distillation column.  (10)

(c) Based on the reflux ratio and biphenyl split from part (a), estimate the diameter of the column and ChemCAD's May 1999 estimated cost for shell and trays (k$).  (10)

(d) Carefully modify the column specifications on the SCDS model to obtain splits of 0.98 on the biphenyl and 0.4 on the Diphenylmethane.  What is the value of the reflux ratio from the SCDS model that satisfies these specifications? (10)

10. Extend the Hengstebeck analysis of the anydride column to 51 trays.  Simulate the column with 51, 48, 44, and 41 trays, while trying to maintain 99.9% and 1% splits on the acid and anhydride.  Use the xls zooming feature to study the behavior near the feed tray.  Which number of trays eliminates the “kinky” behavior near the feed stage, but still achieves the desired separation?  Submit your Hengstebeck plot for this optimal design.

6 Reactor Design

In this context, we refer to reactor design as the sizing of reactors based on either kinetic or equilibrium parameters.  The designs below consider a kinetic reactor at constant temperature and specified conversion, a reactor model for determining equilibrium component distributions by Gibbs Energy minimization, reactive distillation based on specified tray volumes, and a catalytic reactor based on specified LHSV.

6.1 Kinetic reactor for the acetic anhydride plant

6.1.1 Outline of the Problem

The kinetic reactor permits simulation of up to 20 simultaneous reactions and should be used any time yield is less than 100% for the desired product or if multiple products are desired from the same reactor.  For example, consider the pyrolysis of acetone (cf. Froment and Bischoff, 1979, p408, Fogler 2ed ).  

CH3(C=O)CH3 ( CH2=C=O + CH4 

-rA = 7.89e12 exp(-26600/T(K)) * PA 1.5 [=] gmoles/m3-s
2 CH2=C=O      ( 2CO   +   C2H4


-rK = ?? * PK
    “ketene”

We do not have a rate equation for the second reaction but are told that the yield is 88% ketene at 10% conversion of acetone.  Let’s use the simulator to determine a rate factor for the ketene decomposition.  Start by specifying that this is a vapor reaction.  We can select simulation of a CSTR or a PFR.  The CSTR is simpler and accurate enough for the present demonstration.  We can also choose between adiabatic and isothermal, etc.  Isothermal will suffice.  The tricky part comes in specifying the reaction rate equation.  First you must select the units for concentration (partial pressure), time (sec), and activation energy (cal).  We can ignore all adsorption/absorption terms.  The definitions of the kinetic data screen require careful consideration.  The “frequency factor” =7.89e12 moles/sec, activation energy=221152 J.  Beta=(blank).  Other available data are:

Reaction 1




	(comp name)
	Stoich
	Exp. Factor

	Acetone
	-1
	1.5

	Methane
	1
	Leave blank!

	Ketene
	1
	Leave blank!


Reaction 2




	(comp name)
	Stoich
	Exp. Factor

	Ketene
	-2
	1

	CO
	2
	Leave blank!

	ethylene
	1
	Leave blank!


The frequency factor for the second reaction was not given in the problem.  However, we would like FreqF2 such that the selectivity for the ketene/CO = 0.88/0.12 = 7.3.  By trial error, in other words by just guessing a frequency factor for the second reaction, then calculating the product stream with the help of ChemCAD kinetic reactor model and checking the ketene/CO (in mole fraction) in the product stream until we obtain 7.3. 

6.1.2 A.  Flowsheet

1. Edit the anhydride flowsheet.  Paste in the Kinetic Reactor, relink the streams, and delete the stoichiometric reactor.  

2. Run Simulation 

6.1.3 Streams

1. Click the square box indicating the reactor inlet stream.

2. Check: 25 (C and 7 bar.  Also check in kg/hr acetone 4000. If you flash this feed it should give you a vapor fraction of 0. 

6.1.4 Equipment

Click Kinetic Reactor ( General: No of Reactions: 2, Pressure In: 7 bar, Specify Reactor Type: (CSTR), Specify Thermal Mode: Isothermal (( 600 (C), Specify Reaction Phase: 1 vapor, Specify calc. Mode: 1 => spec. key comp., conv., calc. vol., Key Component: Acetone, Conversion: 0.1, at this point you have to make an estimate of the vol. ( any estimate, say 1 for example), OK ( Page 2: Concentration Flag: 1 partial pressure, Time Unit: 1 sec, Vol. Unit: 3 cubic meters, Activation E/H of Rxn Unit: 6 joules, Molar Unit: 2 Gm-moles, OK ( Rxn 1: Frequency Factor: 7.89e12, Activation Energy: 221152, and the rest of the components for rxn 1(acetone, ketene and methane) along with Stoich No’s and Exp. Factors given as in the problem statement above, OK  ( Rxn 2: Frequency Factor in this case would be guessed and determined by trial error as explained above (0.7 gives a selectivity of almost 7.3 ketene/CO).  We would like FreqF2 such that ketene/CO = 0.88/.12 = 7.3.  By trial and error:

	FreqF2
	10
	1
	0.7

	Ketene Mole Fraction
	0.030
	0.075
	0.080

	CO Mole Fraction
	0.059
	0.015
	0.011

	Ketene/CO
	0.49
	5.0
	7.2


6.2 Reactive distillation of ethanol and acetic acid to form ethyl acetate.

The following reversible esterification reaction reaches equilibrium when a stoichiometric feed reaches conversion of  65% at 70(C and 1bar.  

EtOH (1) + AcAcid (2) = EtAc (3) + H2O (4)

To shift the equilibrium to the right, we could either use one of the reactants in excess, or remove some products from the reaction environment.  The following reactive distillation does both.  Reactive distillation is the common way of making volatile esters.  The flowsheet is simply a 20 stage 60% efficient SCDS column with feeds on stage 6 and 13.
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We feed 25 kmol/h of acetic acid to stage 6 and a mixture of 43 kmol/h Ethanol and 7 kmol/h water to stage 13.  Both feed streams should be at 70 C.  To obtain a specification that is flexible in terms of robust convergence, we can initially specify a reflux ratio of 4 and reboiler duty of 8000 MJ/h.  


The reactive portion comes when we check the "Reactive distillation?" check box.  The reversible reaction can be represented with rate coefficients for two liquid phase reactions, forward and reverse.  The rate expressions are: r1 = k1[EtOH][AcAcid], r2 = k2[EtAc][H2O],

k1 = 2.9e4 exp[-7150/(1.987*T)], k2 = 7.8e3 exp[-7150/(1.987*T)], where the rate is in gmoles/Liter-min, the concentrations are in gmoles/Liter, and the activation energy is in cal/gmole.  We will ignore reactions on trays 1-3 and 19, 20.  Perform the simulation and plot the tower profile in mole fraction vs. Stage number.  Assess the danger of LLV behavior forming in the column.  Model the thermodynamics using the NRTL model.

Solution:

For an initial guess, we will assume that each tray provides a reaction volume of 20 Liters.  We can correct this after the simulation is complete by sizing the trays then reiterating the simulation.  The rest of the specifications are obvious once you fill the reactive distillation check box.  Perform the simulation and obtain the following stream flows for the product mix in kmol/h:  17.11, 0.51, 24.48, 6.58 for components 1,2,3,4, respectively.  

Perform the tray sizing, assuming sieve tray, and note a liquid holdup of 58kg or 0.072 m3.  But is this the liquid holdup for one tray or for all the trays together?  To sort this out, consider the tray area of ~1.5 m2.  Comparing to the holdup volume, division gives 0.05m or 5cm of liquid.  Clearly, this looks more like the liquid on one tray than 20.  Note that this leads to an estimate of 72 Liters of liquid on each tray.  Change the reaction volumes to 72 on all the trays and reiterate the simulation.  Do you notice any significant changes in the outlet compositions?

Plot the tower profile, changing only to mole fractions from the default of mole flow.  Note the range where ethyl acetate concentration is highest.  This is the condition most likely to cause LLV separation.  This occurs at about 12 mole% water and 37 mole% ethanol.  

Plot the binodal for components 3,1,4 at 70(C.  Note the conditions under which two liquid phase form.  Print the plot and mark the approximate condition in the column under which LLV separation is most likely to occur.  Comment on the likelihood of LLV separation.  

6.3 Gibbs Energy Minimization

Occasionally, you may come across a problem in which detailed product distributions are not specified.  For instance, a given flowsheet may specify a reactor product of “xylenes.”  The problem is that you might need to know specifically how much ortho, meta, or para xylene is involved. (Note:  I did not say “exactly” how much of each, that would be expecting too much.)  In these situations, the best you can do is to refer to the thermodynamic constraints.  In other words, if ortho, meta, and para xylene were allowed to freely interchange, what isomer would be favored if the isomerization reactions occurred fast enough to be at or near equilibrium.  Two models could be applied to this: an “equilibrium reactor,” or a “Gibbs reactor.”  The equilibrium reactor model allows you to identify specific reactions that are allowed to equilibrate with each other.  The Gibbs reactor model allows you to determine the most favored species simply based on whatever species enter the reactor.  To understand the difference, consider the partial oxidation of propylene to acrylic acid with the possible by-product of acetic acid.  Writing the stoichiometry shows that CO2 and water are also a by-products when acetic acid is formed.  No matter which model you apply, you will find that all of the oxygen is consumed.  If you were to apply the equilibrium reactor model, you could specify that the distribution must be between acetic and acrylic acid.  If you apply the Gibbs reactor model, you will find that none of the oxygen is converted to the acids, however.  From the perspective of minimizing total Gibbs energy, the most favored products are CO2 and H2O.  Presumably, a partial-oxidation catalyst exists which prohibits the conversion to the total oxidation products.  The rule of thumb is to use the Gibbs reactor model for isomerization reactions and the equilibrium reactor model for everything else.  To illustrate the manner of calling the Gibbs reactor, consider the following example.

6.3.1 Example.  Butene isomerization

Methyl tert-butyl Ether (MTBE) is made from isobutene and methanol.  Isobutene is made in a reactor at 1 bar and 350(C in which all isomers of butene exist in thermodynamic equilibrium with each other.  Estimate the relative concentrations of the butene isomers.  Is isobutene the most favored or least favored isomer?  

Solution:  Create a fresh flowsheet with just isobutene, 1-butene, cis-2-butene, and trans-2-butene as components and a Gibbs reactor.  Set the feed stream to 100 kg/hr of 1-butene at 1 bar and 350(C.  Set the Gibbs reactor to isothermal operation at 350(C with vapor phase reaction.  Run all.  The compositions should be:

{0.515, 0.112, 0.142, 0.228} for {isobutene, 1-butene, cis-2-butene, and trans-2-butene} respectively.

6.4 Catalytic Reactors Based on WHSV and LHSV

The Weight Hourly Space Velocity (WHSV) is relatively simple to deal with but the Liquid Hourly Space Velocity (LHSV) requires some explanation.  To get the volume of the reactor from the WHSV just remember that the units are kg-rxn/(hr-kg-cat).  For example, the kg of catalyst required to convert 2100 kg/hr to product at a WHSV = 3hr-1 is (2100kg/hr)/3hr-1 = 700 kg-cat.  At a density of 2 g/cc and 50% void space in the catalyst bed, the volume of the reactor is 0.5*700*2*1000 = 700,000 cc = 0.7 m3.  The LHSV is more complicated because it probably refers to a vapor phase reaction even though it is called the LHSV (Fogler, 2ed, p49).  To understand, you need to imagine a 1940’s lab where they are pumping liquid into a heat exchanger and into a lab-scale catalytic reactor.  If they pump faster, they get less conversion.  If they add more catalyst, they get more conversion.  From this historical perspective, the LHSV was defined by (Vol Rate, m3/hr)/(LHSV, hr-1) = Vrxr (m3).  It is the volume of catalyst per standard volume of liquid per hour.  So the volume for a reactor to convert 30 m3/hr of liquid at 25(C to products at 350(C, given an LHSV = 3hr-1, is 30/3 = 10 m3.  Note that the reactor may operate as pure vapor even though the feed is specified in terms of a liquid volumetric flow rate.  Since the liquid volume is not usually a strong function of temperature, specification of LHSV is not as sensitive as you might initially expect.

The space velocity has a peculiar advantage/disadvantage in being somewhat ambiguous
 for mixed streams, especially the LHSV.  The disadvantage is that designers cannot be completely sure of the exact conditions or composition to which the LHSV refers.  Unfortunately, lawyers see this as an advantage when writing patent applications.  The patent office requires specification of the crucial details that distinguish the process from previous technology and this usually centers on selectivity and reactivity.  So the patent must include some seemingly specific details.  But the lawyers would like for the patent to cover as broad a range of applications as possible.  The engineer must make best guesses in some situations.  A reasonable assumption would be to make a guess about the composition of the stream actually entering the reactor, including impurities and excess reactant, at whatever pressure is required to convert to a liquid.  The good news is that the reactor is only one component of the overall process and a fair degree of error in sizing and costing the reactor should not alter the overall process cost too critically.  

6.4.1 Example.  Cumene reactor volume from space velocity.

95% of the propylene fed to the reactor is to be converted to products of cumene (isopropylbenzene) and di-isopropylbenzene (DIPB).  The flows in the entering stream are {384, 60, 1123, 50} kg/hr for {propylene, propane, benzene, cumene}.  The LHSV is given as 3.1 hr-1.  Estimate the volume of the reactor required in liters.  

Solution: 

Typing the given composition into ChemCAD at 25(C and V/F = 0.0001, we get 2200 L/hr.  2200/3.1hr-1 = 710L.

6.5 Rate Expressions Based on Langmuir-Hinshelwood Kinetics

The rate expression dialog in the kinetic reactor user interface permits the entry of Langmuir-Hinshelwood kinetics as its standard model.  The names of the variables and details of the specifications can be confusing, however.  For each component, the overall rate expression takes the form of:
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Note that the expression for a given reaction is given within the square brackets.  So a rate expression that involves a sum or difference in the numerator will need to be broken into two or more individual reactions.  Now for the names of the variables as defined by ChemCAD:  Aj ( frequency factor; Ej ( activation energy, (j ( “beta factor,” ak,j ( reactant’s exponential factor (do NOT specify exponential factors for products), (k,j ( adsorption factor; Ek,j is the adsorption energy for the kth species, bk,j is the adsorption exponent for the kth species (all SPECIES can have bk,j values).  Note that ChemCAD ASSUMES a default value for each reactant’s exponential factor equal to the absolute value of the stoichiometric coefficient unless specified otherwise.  The tricky thing is that ChemCAD does not store typed zero values for this exponent. Zeroes are substituted with the default value (which is NOT zero, it is the absolute value of the stoichiometric coefficient).  If you really want that exponential factor to be zero, you must type 0.00001, or some such small value.  Close the dialog and reopen it to make sure of what was stored.

6.5.1 Example.  Acetaldehyde Reactor Based on Langmuir-Hinshelwood Kinetics

725 kmol/hr of acetaldehyde is to be produced from ethanol and dehydrogenation at 550K and 1.5 bars.  The reaction rate in kmol/kgcat-hr can be represented by: (Peloso et al., Can. J. Chem. Eng., 57:159, 1979)
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PE , PA, and PH are the partial pressure of ethanol, acetaldehyde, and hydrogen, respectively, in bars.  Estimate the mass of catalyst (kg) to obtain 20% conversion.  Assume 2g/cm3 bulk catalyst density at 50% void fraction. 

Solution:  From Ex 1.7.4, 725/0.2=3625kmol EtOH feed.  To represent this rate expression, we need to break it down into two reactions: one for conversion of ethanol into acetaldehyde(1.534*PE) and one for the reverse reaction (1.534*0.55*PA*PH).  The good news is that there is no temperature dependence, so we can set the activation energies to zero and not worry about them.  Set the “More Specifications” to partial pressure, cubic meters, hours, cal, kmol, and kg.  Converting from the kgCat basis to m3, gives 1534 for the frequency factor of reaction 1, with stoichiometric coefficients of –1,1,1, exponential factor of 1 for ethanol, beta factor of 1, adsorption factors of 8.3,0,10.4, and adsorption exponents of 1,1,1.  Reaction two is very similar except the frequency factor is 0.55*1534 = 844, and the stoichiometric coefficients are 1,-1,-1.  

ANS:  5.8 m3.
NOTES: 

1. Be sure to specify that the reaction is occurring in the VAPOR phase.

2. Sometimes, the CSTR model gives a “mass balance error.”  If that happens, try initializing the output stream in accordance with the output of a stoichiometric reactor.  CC6 uses the output stream as an initial guess.  Or you can try changing the CSTR to a PFR, running, and changing back.  Evidently the PFR uses a more robust initialization in this version.

6.6 Homework Problems

1. Based on the vapor reaction kinetics given below, simulate the DME synthesis reactor at 370(C, 15 bar and 85% conversion of methanol.
-rm = k0 exp(-Ea/RT) Pm ; k0 = 1.21E6 kmol/(m3-h-kPa); Ea = 80.48 kJ/mole
Taking component flows (kmol/h) as {1.5, 323, 3.8} for {DME, MeOH, H2O}, estimate the volume of the reactor in m3 and compare to the reported dimensions of 7.2m H x 0.72m D.  

2. Xylenes can come in the ortho, meta, or para form.  Zeolite catalysts can be designed to favor one isomer over the other, but we would like to know how much advantage the catalyst is providing us.  Suppose a catalyst is advertised to provide 98% of the para isomer at 250(C and 1 bar.  How does this compare to the % para isomer in the equilibrium system?  

3. Compute the LHSV in hr-1 for the DME reactor based on the dimensions of 7.2m H x 0.72m D.

4. Ethylene is converted to ethylene oxide with the kinetics below.  Compute the volume of the reactor to achieve 10% conversion at 260(C and 27 bars assuming a feed of 1000kmol/hr of ethylene and 34,000 kmol/hr of air.

C2H4 + 0.5 O2 = C2H4O








(1)

C2H4 + 3 O2 = 2CO2 + 2H2O








(2)

C2H4O + 2.5 O2 = 2CO2 + 2H2O







(3)
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The units for the reaction rates are gmoles/m3-s.  The pressure unit is bar.  The activation energy is in cal/mol. (cf. Fogler 2ed, p134 => Ind. Eng. Chem. 45:234, 1953; Stoukides, M.; Pavlou, S., Chem. Eng. Commun., 44:43-74, 1986).
7 A Brief Review of Economic Analysis
The most common reference for this material is Peters and Timmerhaus, but several other references cover similar material, including Turton et al.  The guidelines tend to be somewhat arbitrary, unfortunately, so derivations from different references are unlikely to yield exactly identical numbers.  The good news is that the variations are likely to be in the 25% range, whereas truly erroneous estimates are generally on the order of 100% error or larger.  In this course, adhere to the correlations of Turton et al. for base and bare module costs as much as possible.  For estimating the capital costs incidental to the module costs, e.g. royalties, contractor fees, and working capital, the guidelines are given by Turton et al. in Table 5.6 and Eqs. 5.15 and 5.16. Our guidelines are summarized in several tables below.  Refer to these guidelines for TCI and COM of the dimethyl ether process in developing answers to the homework problems.

Capital investments generally come as expansions to existing facilities or completely new developments.  The bare module costs are most closely related to expansions and only require a simple factor to obtain the total module cost CTM = 1.18*( CBM,i.  Completely new developments require more elaborate costs from the “ground up.”  This kind of investment is called a grass roots plant. The CTM can be converted to the grass roots cost (CGR) by applying the factor implicit in Turton’s Eqs. 5.15-5.16 (p177): CGR =1.18 CTM + 0.5 *( CBM,i°.
Note:  CBM,i° is different from CBM,i because it ignores all correction factors (material, pressure, …).  
The total capital investment (TCI) is composed of contributions from land and working capital (WC) as well as the CTM or CGR.  Therefore, we designate the contribution from CTM or CGR as FCIL, to emphasize that it is the fixed capital investment neglecting land expense.  Then, TCI = FCIL + WC + Land (cf.p265).  
7.1 Cost Indices

Def:  Correction factors to equipment cost correlations to adjust for "inflation," etc. as a function of time.  E.g. if we use "Garrett correlations" which are based on 1987 to estimate the cost of 1995 equipment, we must multiply by 1028/814 according to the "Marshall and Swift" Index.  The two cost indexes we will apply are the Marshall and Swift All Industry Index and the Chemical Engineering Index.  M&S should be used for equipment while CE index should be used for labor and engineering/supervision.  These cost indices are updated regularly near the back page of Chemical Engineering Magazine.

	Year
	M&S All Industry (1926=100)
	Chem. Eng Plant Cost

	87
	814
	324

	88
	852
	343

	89
	895
	355

	90
	915
	358

	91
	931
	361

	92
	943
	358

	93
	964
	359

	94
	993
	368

	95
	1028
	381

	96
	1039
	382

	97
	1057
	387

	98
	1062
	390

	99
	1068
	391

	2000
	1089
	394

	2001
	1094
	397

	2002
	1104
	399

	2003
	1124
	401

	2004
	1179
	444

	2005
	1245
	468

	2006
	1302
	500

	2007
	1384
	529

	2008
	1432
	584


7.1.1 Example.  Fixed capital investment of the Dimethyl Ether Process

Turton et al. (p709) provide the flow sheet and essential sizing parameters for dimethyl ether synthesis by dehydration of methanol.  The heat duties, temperature differences, tower diameters, and Nact are given.  Apply these data and the guidelines above to develop an estimate for the FCIL of the process.  Include the estimates for both an expansion and grass roots development, based on construction in 2001.

	HXRS
	E#
	Q(MJ/hr)
	Q(kW)
	Tst
	U
	A(m2)
	Cp' k$
	CBm k$
	Fmat
	Fp
	P(barg)
	CBm°

	preRxrHeater(FH)
	201
	14400
	4000
	90
	850
	99.4
	25
	85
	1
	1.05
	14.2
	83

	PrePostExchanger(FH)
	202
	2030
	564
	119
	30
	171.0
	33
	111
	1
	1.05
	14.1
	109

	postRxrCooler(FH)
	203
	12420
	3450
	96
	850
	101.8
	26
	86
	1
	1.04
	12.8
	84

	DmeRecReb(FH)
	204
	2490
	692
	43
	1140
	22.0
	18
	61
	1
	1.02
	9.5
	60

	DmeRecCon(FTS)
	205
	3140
	872
	9
	850
	100.6
	24
	78
	1
	1.02
	9.3
	78

	MeOHrecReb(FH)
	206
	5790
	1608
	17
	1140
	83.0
	24
	78
	1
	1.01
	6.6
	77

	MeOHrecCon(FH)
	207
	5960
	1656
	85
	850
	22.7
	18
	60
	1
	1.01
	6.3
	60

	ProdCooler(FH)
	208
	1200
	333
	73.5
	850
	22.8
	18
	60
	1
	1.01
	6.6
	60

	
	
	
	
	
	
	
	186
	620
	
	
	
	612


	Towers etc.
	Module-k$
	Base EC-k$
	
	
	
	
	
	
	
	
	

	Distillation Towers
	CBm
	shell
	trays
	dia.(m)
	H(m)
	N
	Fq
	FmatShel
	FmatInt
	Fp
	P(barg)
	CBm'

	MeOHrec
	92
	12.9
	34.0
	0.76
	29.04
	44
	1
	1
	1
	1.26
	9.6
	76

	DMErec
	42
	6.3
	16.3
	0.61
	17.52
	22
	1
	1
	1
	1.00
	6.3
	37

	Miscellaneous
	
	
	
	
	
	
	
	
	
	
	
	

	Reactor
	21.7
	
	5.8
	0.92
	1.84
	m3
	
	1
	
	1.78
	13.7
	12

	MeOHrecyPump
	7.9
	
	2.4
	3.1
	MJ/h
	0.86
	kW
	
	
	
	
	

	SubTotal
	164
	
	78
	
	
	
	
	
	
	
	
	125


Solution:  The black font sections show the numbers that would be computed from the given information(in blue).

CTM = 1.18*(620+164) = 925;  CGR= 925 + 0.5*(612+125)  = 1294 k$
Turton et al (p190) define the fixed capital investment (FCIL) to be either CTM or CGR, whichever is applicable.

7.2 Total Cost of Manufacturing (COM)

Manufacturing Cost – specific to each product process, composed of raw materials, monthly bills, etc.  

Manufacturing Cost (COM) = Direct production cost (see below) + Fixed Charges + Overhead 

Direct Production Cost – These are the guidelines given on p191 (cf. Table 6.2, p191):

a. Raw Materials (CRM) - feedstocks, solvents, catalysts, etc (cf. Chemical Marketing Reporter) freight and transportation (cf. Chemical Buyers directory for addresses and phones) 

b. Waste Treatment (CWT) – This has become a significant expense in recent years and must be estimated on a case by case basis.  Start with p198.  As a crude measure, we CWT to CUT(below). 

c. Utilities (CUT) – cf Table 6.3 of Turton et al.2ed, p197 

d. Labor (COL) – Assume 24hrs per day operating labor, for regional variations see data.bls.gov.  Some typical Gulf Coast values are given below.  Since the plant operates 24/7/365, Turton et al show that 4.5 operators must be hired for each operator equivalent equipment.  This covers 4.5*245shift/opr-yr=1100shift/yr*8hr/shift/24 = 365((3) days.  It is much simpler to assume 365days/yr, plant up or not.
COL = (6.29+0.23Nnp)½ where Nnp = 1 per equipment except pumps and vessels (tanks, flashes…)p194.
To update COL to current year, use the CE index. 

	
	~$/hr in 2001

	Supervisor 
	33

	Operators 
	25

	Chemists
	24


e. Superv. And Cler. Labor 
18% of Opg Labor


f. Maintenance and Repair 
 6% of FCI


g. Operating Supplies    
15% of M&R


h. Lab Charges              
15% of Opg Labor


i. Royalties                           
3% of COM (Note: circular reference.)

Fixed Charges:

a. Depreciation/Interest (d) – default is straight-line to zero salvage value in 10 yrs (ie. 10%FCI)

b. Local taxes and insurance (3% FCI for low population area.)

c. Misc. Plant overhead costs
  (71%COL+3.6%FCI)

General Expenses

a. Administrative – 15% * (Opg Labor+S&C Labor+M&R) 

b. Distribution and Sales – 11% of COM.  (Note should use 2% for commodities, 20% for specialties)

c. R&D – 5% of COM

COM = (CRM+CWT+CUT+2.215*COL +0.146*FCIL)/(1-0.19)+d 




Noting 1/0.81 = 1.23, 2.215/0.81 = 2.73, …

COMd = 1.23*(CRM+CWT+CUT)+2.73*COL +0.18*FCI 



Eq. 6.2p190

For 10-yr straight-line depreciation, d = 0.10FCI, and
COM = 1.23*(CRM+CWT+CUT)+2.73*COL +0.28*FCI=



Eq. 6.1p190
          = (CRM+CWT+CUT+2.215*COL +0.227*FCI)/(1-0.19)  

7.2.1 Raw Materials Costs and Product Value (Chem. Marketing Reporter)

The best sources for these costs are ChemicalMarketReporter.com (username:bolek@uakron.edu, pw:akronzips) or The Chemical Marketing Reporter (CMR).  One problem is that not all chemicals are always covered by this source. Turton et al. suggest that all chemicals are not listed in each issue and urge exploring several of the most recent issues. That can be very frustrating and still may yield no results. Further information may be available on ChemFinder.com or on the ACS website.  Note, however, that costs from sources like Sigma/Aldrich reflect high purity lab scale quantities (10-1000 ml) and are about an order of magnitude higher than the relevant price for plant scale raw materials. If the compound is not listed in CMR, you should consider the possibility that there is no bulk market for the compound. Search the web in general to check up on this, and search Chemical and Engineering News specifically if there is any mention in their “Business Concentrates.” Failing any indication of the cost for plant scale materials, you can make an estimate by updating the prices given by Turton.  We can obtain a “chemical update factor” (CUF) by pricing styrene, ethylene, and acetic acid.  These are always available on CMR.  Divide their current average price by the average price listed in the text to obtain the CUF.  Alternatively, Ann Bolek in the library can help you if you provide sufficient lead-time.  It is your responsibility to ensure that the necessary prices are located in a timely manner.

Another alternative is to compute the “target price” of a particular raw material that would justify a target rate of return.  For example, suppose you cannot find a cost estimate for dimethyl ether and you are really desperate.  But you have a target value for the minimum acceptable rate of return (MARR) to make the process viable.  For example, assume the MARR=25%.  Guess the price of dimethyl ether in your spreadsheet until the MARR comes out to be 25%.  Then you suggest that marketing see if the real price is higher or lower after the project is submitted.

7.2.2 Example.  Total cost of manufacturing for dimethyl ether synthesis based on 2008 construction

Note: FCI(2008) = FCI(2001)*1432/1094=1693 k$; COL(2008)=25*584/397=36.8$/hr; CRM=0.52$/kg(Apr08)
	COM calculation
	
	
	
	
	
	
	

	Raw materials 
	
	0.2364
	$/lb
	1.61E+08
	lb/yr
	-38127
	k$

	Waste Treatment
	
	
	
	0
	
	-1711
	

	Utilities   
	
	
	
	
	
	-1711
	

	Operating Labor*
	36.8
	2.97
	oprtrs
	365
	days/yr
	-957
	

	Supervisory and Clerical Labor
	
	
	
	18.0%
	OL
	-172
	

	Maintenance and Repair
	
	
	
	6.0%
	FCIL
	-102
	

	Operating Supplies
	
	
	
	0.9%
	FCIL
	-15
	 

	Lab charges
	
	
	
	15.0%
	OL
	-144
	

	Royalties
	
	
	
	3.0%
	COM
	-1633
	

	    Direct Product cost
	
	
	
	
	
	
	-44572


	Depreciation (SL, 10yr Life)
	
	
	
	10.0%
	*FCIL
	-169
	

	Local Taxes & Insurance
	
	
	
	3.2%
	*FCIL
	-54
	

	Overhead
	
	
	
	70.8%
	OL+3.6%FCIL
	-738
	 

	    SubTotal Fixed Costs
	
	
	
	
	
	-962
	

	
	
	
	
	
	
	
	

	Administration
	
	
	
	17.7%
	OL+0.9%FCIL
	-185
	

	Distribution and Sales
	
	
	
	11.0%
	COM
	-5987
	

	R&D
	
	
	
	5.0%
	COM
	-2721
	 

	    Total Manufacturing Cost(COM)
	
	
	
	
	
	
	-54426

	
	
	
	
	
	
	
	

	Profitability (ROI)
	
	
	
	
	
	
	

	Sales (DME)
	
	0.8927
	$/lb**
	1.15E+08
	lb/yr
	102711
	

	Sales (other)
	
	0
	
	0.00E+00
	
	0
	 

	Sales Total
	
	
	
	
	
	
	102711

	Gross Earnings 
	
	
	
	
	
	
	48285

	Taxes
	
	
	
	34%
	Gr.Erngs
	
	16417

	NAIAT
	
	
	
	
	
	
	31868

	Cash Flow
	
	
	
	
	
	
	32037

	ROROI%
	
	
	
	
	
	
	1883%


**CMR OnLine (0.52$/kg for MeOH) 2008 vs. 0.251$/kg from text.  Applying same ratio (ie. 102/78) to estimate price of DME since CMR quit listing it in 2001.  DME$/lb ~ 0.52*0.948/(0.251*2.2) = 0.893$/Lb.  

*Table 21, 4 operators per shift, CE index '01 to ‘08.


According to these calculations, everybody should be building DME plants because this is tremendous profitability.  Unfortunately, this result seems over optimistic.  Probably, the world supply of DME could be swamped by adding one plant.  My best guess is that users of DME are a specialty niche, so they must pay a higher price. 

7.3 Cash Flow Diagrams

Cash flow diagrams reflect the non-uniform rate of money into or out of the company ledger.  Cash flow is defined as the net revenue received by the company after taxes and depreciation have been taken into account.  Note that depreciation is subtracted from the gross profit to determine the tax amount, then added back in to determine the cash flow.  A common scenario is that it takes three years to build a new plant and the first year’s income may be slightly below the target value because operation is less than 100% of capacity while the kinks get worked out.  Example 7.12 of the text lists the following table.  Generally, the discrete cash flow is what you know or estimate and the cumulative cash flow reflects the sum at any given time.  The cash flows themselves do not include any accounting for the time value of money, so they need to be placed on a consistent basis like present value (PV).  The default assumption is that each cash flow is received at the end of the year.  Example 8.1 on p267 also helps to clarify how cash flows are derived and the detailed treatment of Working capital (WC) and Land (L).  
Sample Cash Flows: (Ex. 7.12 of Turton et al.)

	Year
	0
	1
	2
	3
	4
	5
	6
	7
	8
	9
	10
	11
	12

	CFk$
	-500
	-750
	-900
	300
	400
	400
	400
	400
	400
	400
	400
	400
	400

	Cumk$
	-500
	-1250
	-2150
	-1850
	-1450
	-1050
	-650
	-250
	150
	550
	950
	…
	


7.3.1 Example.  Present Worth of Cash Flow

A company is considering an investment of 45k$ that it expects to return a cash flow of 12k$/yr plus 1k$/yr additional each year.  The investment will terminate in 4 years with 10% salvage value.  (a) compute the PV at ieff=5%.  (b) compute the PV at ieff=15%.  (c) what value of ieff causes the project to just break even?

Solution:  write down the cash flow table.

	End of year
	0
	1
	2
	3
	4

	Cash Flow
	-45k$
	12
	13
	14
	15+4.5


Concept:  Compute the Future value accumulated then PV to current time.

NPW = -45 + [12(1+ ieff)3+13(1+ ieff)2+14(1+ ieff)+19.5]/(1+ ieff)4
(a) ieff =0.05 => NPV = 6.4 k$ 

(b) ieff =0.15 => NPV = -4.4 k$ 

(c) ieff =0.105 => NPV = 0 k$ 

(Note:  This value of ieff  is known as the “DCFROR” (Discounted Cash Flow Rate Of Return, aka. IRR in xls.) 

Note:  if the cash flow had been constant (ie. 13.5), we could have used the annuity formula to calculate the present worth of the cash flows then simply PV the salvage value.
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=13.5*F(P/A,i,n)+4.5*F(P/F,i,n)-45 = 13.5*3.17+4.5*0.683-45 = 0.9k$ @10%
Modified Accelerated Cost Recovery System (MACRS) Depreciation

The time value of money dictates that the maximum depreciation rate allowable is optimal.  This optimal rate is given by the MACRS rules.  The basic idea is to correct the declining balance method in the later years when it fails to take the DBV-SalVal to zero.  This correction is based on determining the year in which a straight-line (SL) depreciation would give a more rapid rate of depreciation than declining balance method.  From this "switch" year forward, the straight-line method is applied.  The default value for depreciation of chemical equipment is 9.5 years (Turton et al. p249).  These can be pre-tabulated like:

Table 1.  MACRS Pretabulated Depreciation Factors: Depj/DBV0
	Sch\Yr
	1
	2
	3
	4
	5
	6
	7
	8
	9
	10
	11

	3
	0.3333
	0.4445
	0.1481
	0.0741
	
	
	
	
	
	
	

	5
	0.2000
	0.3200
	0.1920
	0.1152
	0.1152
	0.0576
	
	
	
	
	

	7
	0.1429
	0.2449
	0.1749
	0.1249
	0.0893
	0.0893
	0.0893
	0.0445
	
	
	

	10
	0.100
	0.180
	0.144
	0.115
	0.092
	0.0737
	0.0655
	0.0655
	0.0655
	0.0655
	0.0327

	15
	0.0500
	0.0950
	0.0855
	0.0770
	0.0693
	0.0623
	0.0590
	0.0590
	0.0590
	0.0590
	

	
	0.0590
	0.0590
	0.0590
	0.0590
	0.0590
	0.0295
	
	
	
	
	

	20
	0.0375
	0.0722
	0.0668
	0.0618
	0.0571
	0.0529
	0.0489
	0.0452
	0.0446
	0.0446
	

	
	0.0446
	0.0446
	0.0446
	0.0446
	0.0446
	0.0446
	0.0446
	0.0446
	0.0446
	0.0446
	0.0223


Example.  MACRS depreciation 

Solve for the depreciation in the 7th year of a 25M$ FCIL with useful Life of 20 years by applying the 15-yr MACRS schedule.

Solution:  Yes, according to Turton et al., you can apply one MACRS lifetime to another actual lifetime.  There must be some restrictions on this, but 5-7 or 15-20 seem to be reasonable.  

Checking the table, the 7th year depreciation would be 0.059*25,000 = 1475.

7.3.2 Example.  Straight-Line Profitability Measures for a typical Process

A typical commodity investment (e.g. PET, PVC, gasoline, …) operates with a profit margin of 4% and a lifetime of 10 years and consists of an expansion that is projected to increase sales.  The projected FCIL is 9030 k$ and the COM (SL) is 47570 k$.  Compute the NPV assuming a minimum acceptable rate of return (MARR) of 10%, the DCFROR, the ROROI, and the PBP.
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FCIL

9030

COM

47570

Solution:

Sales Total

49473

1.04*COM.  Note:Turnover ~ 5.

Gross Earnings 

1903

Sales-COM.  Note: GE ~ small

Taxes(@34%)

647

GE*34%

NetAnnIncAftTax(NAIAT)

1256

GE-Tax

CF w/ SL-Dep (CFSL)

2159

NAIAT+SL-Dep

TCIL @115%FCIL

10385

1.15*FCIL

Land @5%FCIL

452

0.05*FCIL

ROROI%

13.9%

NAIAT/FCIL

PBP(yrs)

4.18

FCIL/CFSL

MARR

10%

Given Disc Factor

NPV @ MARR

3125

CF*(P/A,i,n)-TCI+(L+WC)*(P/F,i,n)

DCFROR

16.0%

Iterate on this, until

NPV @dcfror

8

this ~0.


7.4 HOMEWORK

1. Estimate the COM and ROI for the acrylic acid production via the catalytic partial oxidation of propylene.  You may assume the sizes as given in Table B.3. ie. Turton et al. 5-9; 6-3, 7, 11. (Note: T6-11 may have a typo: COL ( COM).  Prices of raw materials and products are available from CMR.

2. The following questions relate to the synthesis of MEK from sec-butanol (SBA). 600 out of 690 million pounds per year of methyl ethyl ketone (MEK) (aka. 2-butanone) are produced by ExxonMobil Chemical and Shell Chemicals through the catalytic dehydrogenation of SBA. Its primary uses are as a solvent in the coatings(55%) and  adhesives (14%) industries. Methyl ethyl ketone is a mature product, but with the recovering economy all sectors except lube oil dewaxing and magnetic tape should produce an aggregate growth rate of 1.5 percent for the forecasted period. Longer term, if the EPA removes MEK from the Hazardous Air Pollutants list, the coatings solvents sector should grow. If this happens, aggregate growth could amount to as much as 2.5 percent annually. The current price of MEK is $0.36/lb.  The price of SBA is $0.43/lb on the open market so it must be made on site. H2 is a high value product for applications in other processes on site, but its value on the open market is neither readily available nor entirely relevant.  Throughout the process, assume UNIFAC /LatentHeat thermodynamics.  The overall process flowsheet is shown below.

(a) Ravi and Ragunathan (IECRes., 27:2085, 1988) report the following rate equation for dehydrogenation of SBA to methyl ethyl ketone (MEK).  Assume a feed rate of {311, 11} kmol/hr of {SBA, MEK}.  The density of the catalyst is 2g/cm3 and the void fraction of the bed is 50%.

Hint: pay careful attention to the difference between beta factor and adsorption exponent.
r = k* PA /(1+ KA * PA)2. [=] kmol/kgCat-hr;  PA = partial pressure of SBA in bars; T [=] Kelvin.
k = 0.602; KA = 0.000878exp(11861/RT); where R = 1.987 cal/mol-K; UNIFAC/LatentHeat Thermo.
Estimate the volume of a CSTR to achieve 80% conversion of SBA at 4 bars and 400(C.  (10)

(b) 30000 kg/hr of 99wt% SBA+1%H2O enter the process at 4 bar and 25(C as Stream 1. Stream 21 is at 35(C and 4 bars. These combined streams enter the top of a 15 stage, 30% efficient absorber to remove MEK from the H2 inlet stream (15).  Compute the component flows (kg/hr) of the H2 outlet stream (2) and tabulate them below.  The mole fraction of H2 in Stream 2 is _0.90_.  The weight fraction of H2 in Stream 2 is _0.76_.   (10)

Stream 21: kg/hr

	T(C )
	Pbar
	SBA
	MEK
	H2O
	H2

	33
	4
	6955
	33
	
	


Stream 15: kg/hr

	T(C )
	Pbar
	SBA
	MEK
	H2O
	    H2

	35
	4
	88
	1388
	11
	777


Stream 2: kg/hr

	T(C )
	Pbar
	SBA
	MEK
	H2O
	   H2

	
	
	
	
	
	


(c) The stream (11) entering the last distillation column (Op8) is roughly at 87(C and 1.1 bar with the component flows listed below.  It is to be split (0.999/0.04) between MEK and SBA.  Assuming a partial condenser, R/Rmin=1.3, estimate the ideal feed/number of stages, reflux ratio, condenser duty(MJ/h), and reboiler duty(MJ/h) in the last distillation column.  The column operates at 1 bar. (10) 

Stream 11:

	T(C )
	Pbar
	SBA
	MEK
	H2O
	H2

	87
	1.1
	7777
	33333
	33
	0


(d) The azeotropic distillation column (Op7) operates at 1.2 bars with a feed temperature of 35(C, a partial condenser, and the component feed (Stream 25) given below. It is designed to split the MEK (heavy key) and heavier components from the water (light key). It has 10 ideal stages at with a feed stage of 9, reflux ratio of 45, and a heavy key split of 0.01. Compute the light key split, condenser duty(MJ/h), and reboiler duty(MJ/h) according to the SCDS model of this distillation column.  (10)

Stream 25:

	SBA
	MEK
	H2O
	H2

	7222
	29111
	66
	0


(e) Estimate ChemCAD’s tray diameter, tray cost, and shell cost for this column.  (10)

(f) Estimate the activity coefficients of SBA, MEK, and H2O at the bottom of the “azeo” column.  (10bonus)

(g) The cross-flow heat exchanger (Op4) recovers the heat from the reactor outlet (Stream 7) in order to preheat the reactor feed (Stream 5). Stream flows are given below.  Taking Stream 7 as the tube side, and assuming one tube pass, with Stream 8 exiting at 100(C, size the heat exchanger and tabulate your results below.  (10)

Stream 4:

	T(C )
	Pbar
	SBA
	MEK
	H2O
	H2

	33
	4
	31111
	1111
	11
	0


Stream 7:

	T(C )
	Pbar
	SBA
	MEK
	H2O
	H2

	555
	4
	5555
	22222
	66
	611


	area required
	Uo(Calc),
	LMTD
	Qspec(MJ/h)
	DelP(TS)
	TsVel(m/s)

	_____ m2.
	_____ W/K-m2
	_____ (C.
	_____ 
	_____ 
	_____ 


(h) Suppose the heat exchanger required an area of 222m2. Estimate the purchase cost of the heat exchanger by ChemCAD and by Turton’s cost correlation. (5)
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3. Complete the entire flowsheet, replacing shortcut columns with SCDS columns. Save your results so far as a case called ScdsNoRecy then switch back to the original case.  Connect the recycle stream and converge the entire process.  Note that the mass flows in the connected process are dictated by the feed rate of SBA, which is given in part b as 30000 kg/hr of 99wt% SBA+1%H2O.  The temperatures, pressures, and compositions of the streams and operations can be estimated from the specifications above. Estimate the base equipment costs of all major equipment.  

4. Estimate the total capital investment for the MEK process. 

5. Estimate the total product cost for the MEK process.

6. The following questions relate to the process for synthesis of vinyl chloride monomer (VCM, C2H3Cl).  The flowsheet is depicted below. 1,2 Dichloroethane is 60% converted to vinyl chloride monomer and hydrogen chloride at 500(C and 26 bars in a pyrolysis furnace.  The temperature entering the pyrolysis furnace is 250 C.  To avoid the carbon deposition that would normally form on the heat exchanger walls, recycling the cooled product stream quenches the reactor effluent. Therefore the resulting flow through the post-quench-cooler is substantial.  The shell-side fluid is quench effluent entering at 150(C and 100% vapor.  The shell-side exit is at 50(C.  Water entering at 30(C is to be used in the tubes to provide the cooling with allowed temperature rise of 20(C.  The first distillation tower splits the HCl from the VCM and the second splits the VCM from the unconverted dichloroethane.  Assume 99 and 1% splits in the distillations and negligible pressure drops throughout.  Assume Peng-Robinson with immiscible water for the thermo model.

(a) Assuming 288,000 kg/hr at 500C and 26 bars is leaving the reactor, what is the recycle ratio required on the quench-loop divider to achieve the heat exchanger entrance at 150(C?  Note:  CC6 treats the furnace as merely a heater so the only model of the pyrolysis reactor is composed of two unit operations. 

(b) Recalling that the process should be on the shell side, estimate the following for the heat exchanger in the quench loop from part (a): 

	effective area
	area required
	Uo(Calc),
	Uo(serv),
	LMTD

	_____ m2
	_____ m2.
	_____ W/K-m2
	_____ W/K-m2.
	_____ (C.


(c) Report ChemCAD's May 1999 “total purchase” cost and the appropriate module cost for this heat exchanger. 

(d) Still assuming zero recycle of dichloroethane, use a short-cut column with R/Rmin = 1.3 and a partial condenser to estimate the ideal feed/number of stages, reflux ratio, condenser duty(MJ/h), and reboiler duty(MJ/h) in the first distillation column.  Note that the feed to this column is at 12 bars and the column operates at 12 bars.  

(e) Save your results so far as a case called ShortcutNoRecy then switch back to the original case.  Assuming 60% efficiency and a 10% safety allowance on the number of stages, and the reflux ratio and light key split from part (d), compute the heavy key split, condenser duty(MJ/h), and reboiler duty(MJ/h) according to the SCDS model of the distillation column.  

(f) Based on the reflux ratio and light key from part (d), estimate the diameter of the column and ChemCAD's May 1999 estimated cost for shell and trays (k$).  

(g) Use a short-cut column with R/Rmin = 1.3 and a partial condenser to estimate the ideal feed/number of stages, reflux ratio, condenser duty(MJ/h), and reboiler duty(MJ/h) in the second distillation column. 

(h) Save your results so far as a case called Scds1NoRecy then switch back to the original case.  Assuming 60% efficiency and a 10% safety allowance on the number of stages, and the reflux ratio and light key split from part (d), compute the heavy key split, condenser duty(MJ/h), and reboiler duty(MJ/h) according to the SCDS model of the second distillation column. 

7. Save your results so far as a case called Scds2NoRecy then switch back to the original case.  Connect the recycle stream and converge the entire process. Note that the mass flows in the connected process are dictated by the 288,000 kg/hr leaving the reactor. What is the required amount of dichloroethane feed (kg/hr) to the process? Estimate the base equipment costs of all major equipment.  

8. Estimate the total capital investment for the VCM process.  Use the Garrett correlation for refrigeration capacity to estimate the cost to cool the HCl in the condenser of the first distillation column.  The Garrett correlation in 1987$ for 40(F refrigeration is: Cp( = 3590A0.69, where A = tons of refrigeration, 1 ton=12000 Btu/h.

9. Estimate the total product cost for the VCM process.
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10. In the late 1960's an alternative to the epichlorohydrin method of oxidizing propylene was proposed by Halcon. (Othmer's, 1995)  The Halcon process is based on reacting a hydroperoxide with propylene to form propylene oxide (PO) and a valuable byproduct.  Two different hydroperoxides are used commercially: ethylbenzene hydroperoxide (EBHP) forming styrene monomer (SM) byproduct or t-butyl hydroperoxide forming t-butyl alcohol byproduct.(Othmer's, 2003)  Your assignment is to simulate and cost the Halcon PO-SM process for installation as a grass roots project in Baton Rouge, Louisiana.  

You will need to produce your own EBHP since it is not available commercially.
  Conditions and kinetics for the epoxidation of propylene with EBHP are given by Kollar.
 The main products of the epoxidation of EBHP with propylene are PO and phenyl ethanol (PEA).  PEA is then dehydrated to SM.
 An undesired byproduct of the ethyl benzene oxidation is acetophenone (ACP).  Your process should hydrogenate the ACP to PEA
 and recycle the PEA to the appropriate point.  

A proposed flowsheet is attached in three Figures.  Figure 1 represents the overall process, but it is difficult to read.  Figure 2 shows the part of the process for converting EthylBenzene (EB) to EBHP.  Note that a component separator is used to indicate a part of the process that needs further analysis before selecting between distillation or some other method.  Figure 3 shows the part of the process for converting propylene and EBHP to SM and PO.  This section involves a large recycle of PEA.  Once again, component separators indicate parts of the process that require further analysis and design on your part.  

	The key reactions are:
	Single-Pass Conversion
	Notes

	EB + O2 = EBHP  

EB + O2 = ACP
	18% combined, 125(C

90% to EBHP, 10% to ACP
	Equalize the heat duties of 3 reactors, 2bar

	C3H6 + EBHP = PO + PEA
	95% of EBHP
	110(C, 26 bars

	PEA = SM + H2O

PEA = ACP + H2
	87%, 90% to SM

10% to ACP
	280(C, 2 bars


Note: No attempt has been made to balance the stoichiometry on these reactions

The research department is working to refine estimates of the rate expressions and any developments will be reported to you in the next week or so.  Consult the literature to develop your estimates and we will compare.  For now, proceed with developing the process based simply on reaction stoichiometry

This grass roots plant will be located in a rural area and should have a lifetime of 20 years.  The plant should operate continuously for ~330 days per year.  Cooling water is available at 25(C with ~20(C rise permissible on the cooling water in heat exchangers.  Please perform the economic analysis to determine the total capital investment, annual production cost, gross earnings, net profits, and profitability of this investment based on a production rate for PO of 25,000 kg/hr. Your profitability analysis should include return on investment, net present worth, and DCFROR assuming straight line depreciation.  Your best recommendation on whether this would be a good investment would also be much appreciated.

8 Verifying Your Process Model

Now that your simulation is running perfectly, what does it really mean?  Your simulation is only as accurate as the assumptions you put into it.  Frequently, the process economics can change drastically if assumptions about the thermodynamics or reaction kinetics are wrong.  For example, suppose you used UNIQUAC or UNIFAC for a system that had no group interactions included for one of its binaries.  Then the model would apply the ideal solution approximation for that binary.  Now suppose you discover some data that indicate an azeotrope for that system, and that binary turns out to correspond to the heavy/light key for a large distillation column?  That means your entire process model needs to be overhauled.  The sooner you discover these kinds of mistakes, the better.

8.1 Phase Behavior

The first thing to check is usually the thermodynamics in your process model. Start by tabulating the BIP’s for each binary system in your process.  You can check these by switching the K-value model from, say, UNIFAC to UNIQUAC.  A table of BIP’s appears for the model to which you switch. How many binaries are missing BIP’s in your process?  Check with Gmehling et al. first,
 but also check Wichterle.
 You may need to perform a SciFinder or Beilstein search to be sure the data do not exist if you cannot find them in these sources. Plot TPXY curves for all the key binaries. If no BIP’s are listed for a given binary, switch to UNIFAC and plot the TPXY for that binary. Note that, for example, you do not need the BIP’s between water and xylene if you just use water as you heat transfer fluid and never mix the water with the xylene.  Similarly, the interactions are not interesting for solids/heavies that pass through a distillation to the bottom of the column and do not affect the volatilities of the key components.  If your T-x,y plot seems to show some flatness, be sure to check for an azeotrope even if the BIP’s are present and do not seem to indicate an azeotrope.  Gmehling and coworkers have also compiled a recent list of azeotropes.

Consider the example of Acetone+Water.  BIP’s are listed for UNIQUAC and a TPXY plot at 1 bar indicates no azeotrope.  The CRC Handbook, however, lists an azeotrope at 1.4 bars and 99 wt% acetone.  Figure 8.1a below seems to indicate no azeotrope, but a close inspection of the numerical data indicate it may be possible at 99.5 mol% acetone.  You need to recognize that the BIP’s in ChemCad have been fit to a wide range of data and may not be specific to your needs.  The literature data will provide substantial insight and lend credibility to your report.
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Figure 8.1.  (a) The acetone+water system at 1.4 bars. Can you see the azeotrope? (b) The propionitrile+water system at 1 bar.  The spaghetti look indicates LLE badly modeled.

Another common mistake is to overlook LLE behavior when it exists.  A TPXY plot can help in this case too.  Figure 8.1b shows the typical behavior when one attempts to model a VLLE system as VLE.  The basic problem is that there are two liquid phases and the simulator is switching between them at random in computing the VLE.

There is no automatic answer when you need to perform an exhaustive literature search.  It requires your engineering judgment.  There are a number of resources that might help your judgment.  For starters, check the decision tree given in Section 1 of this handout.  It may be helpful to see how those guidelines compare and contrast to those in Section 1.  ChemCad also provides a 39-page tutorial on thermodynamics methods.
  Elliott and Lira
 also illustrate in detail the manner in which thermodynamic properties, including enthalpy, are computed by a process simulator.

8.2 Enthalpy

See Christensen et al.
 for an enthalpy compilation that is comparable to the VLE compilation by Gmehling et al. Non-idealities in enthalpy can be a bit sneakier than the ones in VLE.  For many problems, the “latent heat” model is sufficient.  This basically assumes zero heat of mixing.  This works because the heat of vaporization overwhelms the heat of mixing.  For some systems, however, these heat effects cannot be ignored.  Strong acid-base interactions as in strippers or absorbers are common examples.  Strong heats of mixing like these can undermine assumptions like constant molar overflow, undermining the validity of your model if you ignore the heat of mixing.  The SCDS model does include stage-wise energy balances, however, so the heat effects will be included if you just include them in properly in your Thermo model.

8.3 Homework

1. Plot the VLE for methanol+water at 760 ( 10 mmHg for the following models and compare to experimental data.  Recommend a thermo model.  Use points with no lines for data and lines with no points for models.
(a) Scatchard-Hildebrand (aka. Regular Solution).

(b) Peng-Robinson.

(c) UNIFAC.

(d) UNIQUAC.

(e) ESD.

9 Pseudo-dynamics Simulation

ChemCAD offers several facilities that can be used to infer the dynamics of a process, if you are clever about process dynamics.  The basic idea is that the successive substitution algorithm tends to follow the same trajectory as the process.  For instance, if the feed composition to a reactor changes then the feed to the distillation column changes, and the distillate properties change, then the distillate recycle to the reactor changes the feed to the reactor, …  You get the idea?  ChemCAD makes it easy to record the history of these stream and unit operation properties as they evolve through the iterations.  You can assign a unit of time while monitoring the streams to correspond to the elapsed time between iterations on your stream of interest.  If you are really clever, you can insert extra flowsheet operations to make the time constant for a distillation column longer than the time constant for, say, a flash operation.  The example below illustrates the basic principle for a simple salt tank dilution process. Horwitz (CEP, March: 2, 1996) gives more details and examples.  

9.1 A.  Flowsheet

Create a flowsheet with a feed, mixer, divider, and product.  


[image: image51.wmf]
9.2 B.  Components

Add water and sodium chloride as the components.

9.3 C.  Streams

Put 10,000 kg/hr water in the feed stream.  Put 100,000 kg/hr water and 500 kg/hr NaCl in the recycle stream.  

9.4 D.  Equipment

Specify that 10,000 kg/hr mass flow rate is leaving stream#2.  This will contain some salt and some water, while the feed contains water only.  Over time, and iterations, the salt concentration will diminish.

9.5 E.  Running

Under the run menu, you will find an option for convergence.  Open that and change the convergence on flow rate to 10e-013.  This will force the recycle to iterate until the iteration limit is exceeded.  Then select Run-Dynamics.  The dynamics menu will let you specify the stream(s) that you want to record, the number of iterations to perform, and the time increment associated with each iteration.  Select the stream exiting from the mixer as the stream to be recorded and set the time increment to be 1 hour, and the time limit to be 11 hours.  Then select run from initial state.  After the run is complete, select plot stream history.  You should see a plot which declines geometrically from 500 kg/hr to about 160 kg/hr.  This may seem like an obvious behavior, but the behavior can be much more interesting if you have a flowsheet which includes flow ratios specifications near a multiple steady state.  The anhydride process can be like that if you are not careful about the recycle acid being sent to the absorber.  By plotting several streams on the same plot for a complex flowsheet, you can begin to understand much more complex behaviors.  For now, we leave that to your own imagination and creativity.  

10 Adding New Components - Including Polymers

ChemCAD makes it very convenient for you to add new components.  All you need to know is the molecular structure.  We will illustrate this feature by adding a new component to represent a very low molecular weight polyethylene.  You could also think of this component as a relatively high molecular weight wax, if you are more interested in pipeline applications.  To add a new component, close all job windows and go to the thermophysical>component database menu.  Select New Component and Group Contributions.  We will assume that our polyethylene/wax is perfect paraffin with 2 CH3 groups and 70 CH2 groups.  You can look at the other types of group contributions that are available.  These group contributions are defined in the UNIFAC model discussed in many texts.
  After you enter the 2 and 70, click OK, and you will be asked for the name of the component, enter PE1, meaning PE with MW=1000g/mole.  Accept whatever component ID # ChemCad suggests and you are ready to begin simulations.  To illustrate, create a simple flowsheet with a feed, a flash, and two products.  Leave the flash at its default setting.  Put 9 kg/hr of ethylene and 1 kg/hr of PE1 in the feed at 200C and 150 bars.  Set the K-value model to SRK for now.  Run all and inspect the streams.  The vapor product should have a mass fraction of 0.00025 PE1.  That may not sound like much, but what would happen if we ran that vapor stream through a 3 inch pipe for a mile or two, such that the pressure dropped to 100 bar?  Simulate this by changing the feed stream pressure to 100 bars and rerunning.  The mass fraction of PE1 should drop to 0.00005.  The difference is the amount of PE1 that deposits on the pipe walls.  At a rate of a few million scf per day, your three-inch pipe will not be three inches in internal diameter for long.  

The problem we have not addressed so far is the accuracy of the thermodynamic models for polymer systems.  This problem is an area of active research, but it is clear that the SRK or PR models are of limited value for true polymers.  Models that show promise are similar to the perturbed-hard-chain models like ESD and SAFT.  Elliott and Natarajan (2002)
 have evaluated the ESD model relative to experimental data for a number of systems.  Their results for PE systems show quite reasonable accuracy. For PE1 the ESD correlation gives, c = 14.6;  b = 434.7; /k=323.5. To enter these values, open or create a file in the \CC6 directory named “EsdParms.txt”.  Noting the ID number assigned by ChemCAD for your newly created component, type the ID, b (cm3/mol), c, (/k (K), Nd, KAD/b, and H (kcal/mol).  Note that ChemCAD occasionally alters the ID number assigned to user added components, especially if you change the directory of your working folder.  You should check the component list each time to be sure that the component ID assigned is consistent with the component ID in the CC6 directory.  To enter a value for the binary interaction parameter (BIP), edit \CC6\$esdk.dat and type 0.03 for the ESD kij, noting that kij = kji so the same value must be entered twice in the first two columns following the ID numbers.  The value of 0.03 is the value given by Elliott and Natarajan.  The ID numbers are sorted according to the ID in the first column first and the second column second, with the larger ID number always in the first column.  The third and fourth columns can be used to specify the temperature dependence of the BIP according to kij = kij0 + kijT/T(K).  When kij = constant, kijT = 0, and it is sufficient to specify only kij0 and kji0, as we described above.  Set Thermo, K-value, to ESD and run all.  The polymer mass fraction in the vapor product at 200C and 150bars now drops to 1.6e-6, a significantly different result.  Next you can try setting the thermo to UNIFAC -polymers and find the polymer mass fraction in the vapor product is 1e-9.  The wide range of estimated values for this result underlines the need for more research to develop reliable methods.  Given that the ESD result derives from several comparisons to experimental data for ethylene+PE systems, whereas the other methods are merely predictions, we should favor the ESD result in this situation.  But we should be sure to engineer a significant margin of safety for this system. 
The group contribution methods implemented by ChemCAD have been described in public literature. The critical properties are given by the correlation of Emami et al. (2009).
 The group contribution correlation of the ESD parameters has also been updated by Emami et al. (2008).
 The 2008 paper also includes correlations for the SAFT and PC-SAFT equations and evaluations for prediction of vapor pressure.

11 Appendix A: Installing ChemCAD On Your Personal Computer

One of the great advantages of ChemCAD over ASPEN or HySim is the system authorization feature for University licensees.  This means that you can install ChemCAD on your own laptop or other personal computer (or both) and carry it with you anywhere. Following these simple steps will facilitate your installation.

1. Obtain a copy of the ChemCAD installation CD.  The departmental office maintains a few copies that you can check out from the secretary. Department members are free to make as many copies of the CD as they want.  Please return the borrowed CD promptly since other users will need it.  

2. Put the CD in your drive.  If the installation does not begin automatically, browse to the CD and double-click the autorun file.  

3. After installing, click on CHEMCAD.  A Help screen will appear.  Look for the License Configuration screen.

4. Click on the SysAuth Tab. (Note: If you are using the SysAuth procedure, future startups will be quicker if you disable all other Tab options, e.g. license manager.)

5. Write down the system key and email the following information to svd2@uakron.edu with the subject: SysAuth
· Your name:
· System key:
6. Close ChemCAD and wait for your administrator to email your license key.  This generally takes 24-48 hours.

7. Upon receipt of the license key, restart ChemCAD and wait for the Help/License Configuration screen.  Access the SysAuth tab again, enter your license key, and click the “verify and save” button.  Notes: (a) When the client enters the License key the system key may be different.  This is normal.  (b) This entire process from retrieving the system key to installing the license key must be under seven days or the license key will not work.
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Absorber

		Kremser treatment of an absorber.

		Cf Seader, W.D. and Henley, E.J. (1998), Separation Process Principles.p245

		Teff=		97.5		F		309.5		K		Ai=Lin/(Ki*Vin)

		Peff=		400		psia		2.76		MPa		Si=1/Ai

		nStages=		6								SplitA=(Ai-1)/(Ai^(N+1)-1)

				K-values		VapIn(mol/h)		LiqIn(mol/h)		A		S		SplitA		SplitS		VapOut		LiqOut

		C1		13.437		160		0		0.0153		65.1515		0.985		0.000		157.5		2.5

		C2		1.913		370		0		0.1078		9.2748		0.892		0.000		330.1		39.9

		C3		0.461		240		0		0.4472		2.2361		0.555		0.004		133.1		106.9

		nC4		0.125		25		0.05		1.6454		0.6078		0.020		0.405		0.5		24.5

		nC5		0.038		5		0.78		5.4459		0.1836		0.000		0.816		0.1		5.6

		Oil		0.0001		0		164.17		2062.5000		0.0005		0.000		1.000		0.1		164.1

		Tot				800		165										621.6		343.4
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Sheet1

		Life(yrs)		10

		FCIL		9030

		COM		47570

		Solution:

		Sales Total		49473		1.04*COM.  Note:Turnover ~ 5.

		Gross Earnings		1903		Sales-COM.  Note: GE ~ small

		Taxes(@34%)		647		GE*34%

		NetAnnIncAftTax(NAIAT)		1256		GE-Tax

		CF w/ SL-Dep (CFSL)		2159		NAIAT+SL-Dep

		TCIL @115%FCIL		10385		1.15*FCIL

		Land @5%FCIL		452		0.05*FCIL

		ROROI%		13.9%		NAIAT/FCIL

		PBP(yrs)		4.18		FCIL/CFSL

		MARR		10%		Given Disc Factor

		NPV @ MARR		3125		CF*(P/A,i,n)-TCI+(L+WC)*(P/F,i,n)

		DCFROR		16.0%		Iterate on this, until

		NPV @dcfror		8		this ~0.
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		m-cP		r-kg/m3		D-m		Cp-J/g-K		k-W/m-K		mFlow-kg/hr		NtubesPerPass		vtot (m3/hr)		u-m/s		m- kg/m-s

		0.285		980		0.016		3		0.106		35555		80		36.28		0.627		0.000285

		Re =		34471		NuST =		197		hST =		1303		W/m2-K
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UNIQUAC

		

		CHEMCAD 5.2.0                                                        Page 1

		Job Name: test   Date: 11/12/2002  Time: 14:48:14

		XY data for Acetone / Water

		UNIQUAC  Uij-Ujj  Uji-Uii     Aij     Aji     Cij     Cji     Dij     Dji

		601.61   -52.30    0.00    0.00    0.00    0.00    0.00    0.00

		Mole Fractions

		T Deg C		P bar		X1		Y1		Gamma1		Gamma2		Phi1		Phi2

		99.629		1		0		0		9.299		1		1		1

		75.257		1		0.05		0.62572		6.688		1.009		1		1

		67.651		1		0.1		0.73745		4.985		1.035		1		1

		64.443		1		0.15		0.77692		3.88		1.073		1		1

		62.87		1		0.2		0.79526		3.135		1.123		1		1

		62.003		1		0.25		0.80539		2.613		1.185		1		1

		61.459		1		0.3		0.81196		2.235		1.257		1		1

		61.058		1		0.35		0.81704		1.954		1.342		1		1

		60.714		1		0.4		0.82169		1.739		1.439		1		1

		60.381		1		0.45		0.82654		1.572		1.551		1		1

		60.035		1		0.5		0.83199		1.441		1.679		1		1

		59.667		1		0.55		0.83835		1.336		1.826		1		1

		59.272		1		0.6		0.84591		1.252		1.994		1		1

		58.849		1		0.65		0.85493		1.185		2.188		1		1												1.3786666667

		58.404		1		0.7		0.86574		1.131		2.412		1		1

		57.94		1		0.75		0.87872		1.088		2.672		1		1

		57.467		1		0.8		0.89434		1.055		2.976		1		1

		56.996		1		0.85		0.91323		1.031		3.331		1		1

		56.541		1		0.9		0.93626		1.013		3.75		1		1

		56.125		1		0.95		0.96461		1.003		4.248		1		1

		55.777		1		1		1		1		4.841		1		1

		CHEMCAD 5.2.0                                                        Page 1

		Job Name: test   Date: 11/12/2002  Time: 15:02:00

		XY data for Acetone / Water

		UNIQUAC  Uij-Ujj  Uji-Uii     Aij     Aji     Cij     Cji     Dij     Dji

		601.61   -52.30    0.00    0.00    0.00    0.00    0.00    0.00

		Mole Fractions

		X1		Y1		T Deg C		P bar		Gamma1		Gamma2		Phi1		Phi2

		0		0		109.327		1.4		9.139		1		1		1

		0.09091		0.69696		78.9		1.4		5.147		1.029		1		1

		0.18182		0.76584		73.537		1.4		3.32		1.103		1		1

		0.27273		0.78655		71.857		1.4		2.393		1.215		1		1

		0.36364		0.79762		71.027		1.4		1.868		1.364		1		1

		0.45455		0.80769		70.361		1.4		1.544		1.556		1		1

		0.54545		0.82002		69.667		1.4		1.335		1.801		1		1

		0.63636		0.83655		68.901		1.4		1.196		2.113		1		1

		0.72727		0.85922		68.076		1.4		1.103		2.516		1		1

		0.81818		0.89065		67.237		1.4		1.044		3.041		1		1

		0.9		0.92984		66.539		1.4		1.013		3.659		1		1

		0.90476		0.93254		66.502		1.4		1.012		3.7		1		1

		0.90952		0.9353		66.466		1.4		1.011		3.742		1		1

		0.91429		0.9381		66.43		1.4		1.009		3.784		1		1

		0.91905		0.94097		66.395		1.4		1.008		3.827		1		1

		0.92381		0.94389		66.36		1.4		1.007		3.871		1		1

		0.92857		0.94687		66.326		1.4		1.007		3.915		1		1

		0.93333		0.94992		66.293		1.4		1.006		3.961		1		1

		0.9381		0.95302		66.261		1.4		1.005		4.006		1		1

		0.94286		0.95619		66.229		1.4		1.004		4.053		1		1

		0.94762		0.95943		66.198		1.4		1.004		4.1		1		1

		0.95238		0.96274		66.168		1.4		1.003		4.149		1		1

		0.95714		0.96611		66.138		1.4		1.002		4.198		1		1

		0.9619		0.96956		66.11		1.4		1.002		4.247		1		1

		0.96667		0.97308		66.083		1.4		1.001		4.298		1		1

		0.97143		0.97668		66.056		1.4		1.001		4.349		1		1

		0.97619		0.98035		66.031		1.4		1.001		4.401		1		1

		0.98095		0.98411		66.006		1.4		1		4.454		1		1

		0.98571		0.98795		65.983		1.4		1		4.508		1		1

		0.99048		0.99188		65.961		1.4		1		4.563		1		1

		0.99524		0.99589		65.94		1.4		1		4.619		1		1

		1		1		65.92		1.4		1		4.675		1		1

		T Deg C		P bar		X1		Y1		Gamma1		Gamma2		Phi1		Phi2

		66.469		1.4		0.90909		0.93504		1.011		3.738		1		1

		65.92		1.4		1		1		1		4.675		1		1
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		CHEMCAD 5.2.0                                                        Page 1

		Job Name: test   Date: 11/12/2002  Time: 15:18:07

		XY data for Propionitrile / Water

		UNIQUAC  Uij-Ujj  Uji-Uii     Aij     Aji     Cij     Cji     Dij     Dji

		367.07   510.56    0.00    0.00    0.00    0.00    0.00    0.00

		Mole Fractions

		P bar		X1		Y1		T Deg C		Gamma1		Gamma2		Phi1		Phi2

		1		0		0		99.629		38.879		1		1		1

		1		0.04762		0.57645		78.017		22.215		1.017		1		1

		1		0.09524		0.617		75.782		12.823		1.061		1		1

		1		0.14286		0.6013		76.582		8.107		1.128		1		1

		1		0.19048		0.57351		77.813		5.563		1.214		1		1

		1		0.2381		0.54461		78.865		4.08		1.32		1		1

		1		0.28571		0.51837		79.619		3.156		1.444		1		1

		1		0.33333		0.49614		80.093		2.549		1.588		1		1

		1		0.38095		0.47833		80.348		2.132		1.752		1		1

		1		0.42857		0.46499		80.448		1.836		1.939		1		1

		1		0.47619		0.45607		80.458		1.62		2.15		1		1

		1		0.52381		0.45156		80.437		1.459		2.386		1		1

		1		0.57143		0.45159		80.439		1.338		2.651		1		1

		1		0.61905		0.45647		80.521		1.245		2.946		1		1

		1		0.66667		0.4668		80.74		1.174		3.274		1		1

		1		0.71429		0.4836		81.166		1.119		3.636		1		1

		1		0.7619		0.50858		81.882		1.078		4.035		1		1

		1		0.80952		0.54452		83.002		1.047		4.471		1		1

		1		0.85714		0.59628		84.694		1.025		4.943		1		1

		1		0.90476		0.67278		87.226		1.011		5.446		1		1

		1		0.95238		0.79241		91.074		1.003		5.967		1		1

		1		1		1		97.221		1		6.477		1		1
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Classify the components in your process:



Gases, non-polar, associating, solvating, electrolyte.







xgas < 0.05?







BIP’s all known?







All non-polar?







Try UNIQUAC, FH, Wilson, NRTL, whichever has all BIP’s.  Henry’s Law implied for gas species. 







Try UNIFAC.  If possible, estimate BIP’s for missing binaries only.















Try Peng-Robinson or SRK.











Try ESD, SAFT, or Wong-Sandler or PSRK







Yes







Yes







Yes
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						V				yi		xi		Ki

		Acetone		1676.4787		5.6071		1799.1553		0.3936989629		0.4649575658		0.8467417071		Acetone		0.203

		Methane		1.7874		6.8845		0.0816		0.4833907921		0.000021088		22922.5827030131		Methane		0

		Ethylene		0.188		0.413		0.006		0.0289985325		0.0000015506		18701.657713165		Ethylene		0

		Carbon Monoxide		0.3728		0.8263		0.006		0.0580181293		0.0000015506		37416.9001655889		Carbon Monoxide		0

		Ketene		0		0		0		0		0				Ketene		0

		Acetic Acid		1810.1179		0.4898		1884.1173		0.0343909957		0.4869143833		0.0706304781		Acetic Acid		36.7255

		Acetic Anhydride		303.9623		0.0214		186.1381		0.0015025874		0.0481038618		0.0312363154		Acetic Anhydride		0.024

						14.2421		3869.5043





Absorber

		Kremser treatment of an absorber.

		Cf Seader, W.D. and Henley, E.J. (1998), Separation Process Principles.p245

		Teff=		25		C		Ai=Lin/(Ki*Vin)

		Peff=		1		bar		Si=1/Ai

		nStages=		10.12				SplitA=(Ai-1)/(Ai^(N+1)-1)

				K-values		ULiqIn(kmol/h)		WatIn(kmol/h)		A		S		SplitA		SplitS		ULiqOut		AqOut

		Toluene		151		3				0.0044		227		0.99558		0.00000		2.9868		0.0132

		AcAcid		0.68		3		0		0.9787		1		0.10000		0.08044		0.3000		2.7000

		Water		0.0153846154		0		4.00		43.33		0		0.00000		0.97692		0.0923		3.91

		Tot				6		4.00										3.379		6.621
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						V				yi		xi		Ki

		Acetone		1676.4787		5.6071		1799.1553		0.3936989629		0.4649575658		0.8467417071		Acetone		0.203

		Methane		1.7874		6.8845		0.0816		0.4833907921		0.000021088		22922.5827030131		Methane		0

		Ethylene		0.188		0.413		0.006		0.0289985325		0.0000015506		18701.657713165		Ethylene		0

		Carbon Monoxide		0.3728		0.8263		0.006		0.0580181293		0.0000015506		37416.9001655889		Carbon Monoxide		0

		Ketene		0		0		0		0		0				Ketene		0

		Acetic Acid		1810.1179		0.4898		1884.1173		0.0343909957		0.4869143833		0.0706304781		Acetic Acid		36.7255

		Acetic Anhydride		303.9623		0.0214		186.1381		0.0015025874		0.0481038618		0.0312363154		Acetic Anhydride		0.024

						14.2421		3869.5043





Absorber

		Kremser treatment of an absorber.

		Cf Seader, W.D. and Henley, E.J. (1998), Separation Process Principles.p245

		Teff=		25		C		Ai=Lin/(Ki*Vin)

		Peff=		1		bar		Si=1/Ai

		nStages=		5.04				SplitA=(Ai-1)/(Ai^(N+1)-1)

				K-values		ULiqIn(kmol/h)		WatIn(kmol/h)		A		S		SplitA		SplitS		ULiqOut		LiqOut

		Toluene		454.5		3				0.0029		341		0.99707		0.00000		2.9912		0.0088

		AcAcid		0.36		3		0		3.7037		0		0.00100		0.73027		0.0030		2.9970

		Water		0.0013368984		0		8		997.3333		0		0.00000		0.99900		0.0080		7.9920

		Tot				6		8										3.002		10.998
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						V				yi		xi		Ki

		Acetone		1676.4787		5.6071		1799.1553		0.3936989629		0.4649575658		0.8467417071		Acetone		0.203

		Methane		1.7874		6.8845		0.0816		0.4833907921		0.000021088		22922.5827030131		Methane		0

		Ethylene		0.188		0.413		0.006		0.0289985325		0.0000015506		18701.657713165		Ethylene		0

		Carbon Monoxide		0.3728		0.8263		0.006		0.0580181293		0.0000015506		37416.9001655889		Carbon Monoxide		0

		Ketene		0		0		0		0		0				Ketene		0

		Acetic Acid		1810.1179		0.4898		1884.1173		0.0343909957		0.4869143833		0.0706304781		Acetic Acid		36.7255

		Acetic Anhydride		303.9623		0.0214		186.1381		0.0015025874		0.0481038618		0.0312363154		Acetic Anhydride		0.024

						14.2421		3869.5043





Absorber

		Kremser treatment of an absorber.

		Cf Seader, W.D. and Henley, E.J. (1998), Separation Process Principles.p245

		Teff=		50		C		Ai=Lin/(Ki*Vin)

		Peff=		1		bar		Si=1/Ai

		nStages=		5.2				SplitA=(Ai-1)/(Ai^(N+1)-1)

				K-values		VapIn(kmol/h)		LiqIn(kmol/h)		A		S		SplitA		SplitS		VapOut		LiqOut

		Acetone		0.733		5.61		0.20		3.5400		0.2825		0.0010		0.718		0.063		5.747

		Methane		21275.614		6.88		0.00		0.0001		8200		0.9999		0.000		6.884		0.001

		Ethylene		18560.558		0.41		0.00		0.0001		7154		0.9999		0.000		0.413		0.000

		CO		35868.519		0.83		0.00		0.0001		13824		0.9999		0.000		0.826		0.000

		Ketene		1.000		0.00		0.00		2.5946		0.3854		0.0043		0.616		0.000		0.000

		Acid		0.075		0.49		36.73		34.3842		0.0291		0.0000		0.971		1.068		36.147

		Anhydride		0.023		0.02		0.02		113.7040		0.0088		0.0000		0.991		0.000		0.045

		Tot				14.24		36.95										9.254		41.941
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